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Abstract 

Deployment of post-combustion carbon dioxide (CO2) capture technologies is needed to reduce emissions 

from power and industrial sources. Comparisons between existing thermochemical CO2 capture methods 

and emerging electrochemical concepts can help contextualize the promise of these new approaches. Here, 

we investigate the required absorber sizes for three capture systems: amine scrubbing using 

monoethanolamine (MEA), direct electrochemical (redox-active sorbent), and indirect electrochemical 

(pH-swing). For the electrochemical systems, we study how column size varies as a function of molecular 

properties and operating conditions, finding that parameters most closely related to CO2 uptake rates (i.e., 

rate constants and pKa) have the greatest impact. Through a Monte Carlo analysis, we find that the direct 

process can be designed to have column sizes similar to the thermochemical process, however, the CO2 

uptake rate in the indirect process is too slow to enable smaller columns. Broadly, this work connects system 

input parameters to absorber performance for electrochemical CO2 capture and provides a foundation for 

technoeconomic and engineering analyses. 
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1. Introduction 

Increasing global energy demand coupled with a reliance on carbon-intensive fossil fuel sources 

continues to contribute to rising anthropogenic greenhouse gas emissions. While energy use and associated 

emissions are widely distributed, the global power generation sector alone was responsible for nearly 42% 

of all carbon dioxide (CO2) emissions in 2022, resulting in a total of 14.65 Gt of CO2 released.1 Renewable 

energy can help alleviate some of these emissions and is predicted to rise from 29.5% of all global electricity 

generation sources in 2022 to 41.6% by 2028;2 however, it is also predicted that coal and natural gas plants 

will need to continue operating in the short run to meet growing energy needs.3,4 Thus, these fossil fuels 

will continue to release CO2, requiring alternative solutions to limit global warming to 1.5 °C above pre-

industrial levels and avert the associated climate consequences.5 In addition to the power sector, several 

major industrial processes (i.e., steel, iron, cement, and chemicals manufacturing) are classified as “hard-

to-decarbonize,” meaning their emissions cannot be easily avoided in the near future, necessitating carbon 

capture technologies to offset these emissions.1,6 To incentivize the implementation of carbon capture, 

utilization, and storage (CCUS) for abating direct emissions from power and industrial facilities, the 2022 

Inflation Reduction Act (IRA) increased available tax credits to such facilities performing large-scale CO2 

capture in order to offset the high costs.7 Such trends in energy demand and government policy encourage 

the development of a suite of CCUS technologies capable of supporting efforts to meet emission reduction 

targets. 

A range of capture technologies based on chemical absorption,8 temperature and pressure swing 

absorption,9,10 membrane-based separation,11 and cryogenics12 have been evaluated for post-combustion 

capture (PCC) applications where CO2 is removed and concentrated from flue gas streams (~3-30% CO2).13 

However, current state-of-the-art, commercialized platforms for large-scale CO2 capture are typically based 

on thermochemical absorption and exploit the natural affinity of alkanolamines towards CO2 at ambient 

conditions.14–17 Specifically, when a CO2-lean amine solution passes through an absorption column, gaseous 
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CO2 binds to the amine producing a CO2-rich solution. This is then pumped to a stripping column where 

the addition of heat increases the solution temperature and shifts the chemical equilibrium between the 

solubilized CO2 and amine molecules to facilitate the release of gaseous CO2 and the regeneration of the 

solvent.18 This process is outlined in Figure 1a as four steps: CO2 capture, sorbent deactivation at elevated 

temperatures, CO2 release, and sorbent regeneration by returning to mild temperatures. For amine-based 

systems, target capture efficiencies are often ~90%,19,20 however, this is somewhat arbitrarily selected, as 

cost optimization is required to inform the desired level of capture on a case-by-case basis.20 Possible 

amines for use in this process include monoethanolamine (MEA),21–25 diethanolamine (DEA),26–29 N-

methyldiethanolamine (MDEA),27–30 diisopropanolamine (DIPA),26–28,31 piperazine (PZ),28,30,32–34 and 

others. MEA, DEA, and DIPA bind up to half a mole of CO2 per mole of amine, whereas MDEA and PZ 

can uptake 1 mole of CO2 per mole.28,30,32 MEA is the most commonly studied and commercialized 

alkanolamine due to its low sorbent cost,35 high rate of reaction with CO2,36 and high operating 

concentrations (i.e., 30–40 wt. % MEA, or 5.1–6.8 M).8,37–39 Recent studies have investigated the more 

nascent PZ, as it can absorb CO2 at a rate 1.5× to 3× faster than MEA and may enable lower regeneration 

energies.32 A drawback of using this amine is that it can only achieve solubilities of up to 14 wt. % PZ (~1.6 

M), limiting its total CO2 capacity.32 

While amine-based absorption processes have the highest technology readiness level (TRL = 9) of all 

possible capture platforms,40 the wide temperature swings required for operation (ranging from ~30–40 °C 

during absorption to ~120 °C during desorption in MEA systems)38 can lead to amine degradation and 

limited efficiency.41 To the latter point, the energetic efficiencies of temperature swing processes are 

governed by the second law of thermodynamics, in a similar manner to Carnot efficiencies associated with 

heat engines.42 Based on a temperature swing between 40 °C to 120 °C, the maximum thermal efficiency 

achievable (i.e., the Carnot efficiency) is 66.7%, while typically CO2 capture from flue gas achieves 

efficiencies in the range of ~19–25%, evincing significant additional energetic losses.42–45 These low 

efficiencies cause steam costs to dominate the operating costs for thermochemical CO2 capture processes 
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at all flow rates and capture rates.46,47 In addition to high operating costs, capital costs can be prohibitive, 

making up anywhere from 5 to 40% of the total costs for industrial-scale capture processes, with as much 

as 66% of the total capital costs attributed to the absorption column at low CO2 inlet concentrations.46 The 

high column investment costs primarily stem from the large diameters and heights required to process large 

volumes of flue gas and achieve high (>90%) CO2 removal.47 Thus, the combination of high operating costs, 

high capital costs, and low efficiencies, coupled with the use of fossil fuel derived steam, motivates the 

investigation of different CO2 capture technologies. 

Recently, electrochemical carbon capture and concentration (eCCC) has been identified as an 

alternative to the traditional temperature-swing processes. Rather than applying heat to regenerate the 

solvent, the use of faradaic reactions to selectively reduce or oxidize a redox-active species enables the 

uptake and release of CO2 at ambient conditions.48 Unlike amine-based capture platforms, these 

technologies have the potential to operate closer to the thermodynamic minimum energy requirement due 

to the modulation of binding affinities via electrochemical reactions, thereby avoiding the Carnot-like 

limitations and improving system energy efficiencies.49,50 Additionally, these processes are modular and are 

anticipated to scale more easily to meet the demands of a variety of point-source capture sites.51 Redox-

active molecules used in eCCC can either directly bind with CO2 (i.e., redox-active capture molecules) or 

indirectly influence the uptake of CO2 by altering the solution environment (i.e., pH-mediated systems52–54 

or electrochemically-mediated amine regeneration55–57). In general, redox-active capture molecules used in 

“direct” eCCC pathways (Figure 1b) exhibit high affinities for CO2 in the reduced form and low affinities 

for CO2 in the oxidized form, facilitating capture and release processes in those respective oxidation states. 

Research over the past few decades has led to the identification of quinones,58–62 thiols,63,64 pyridines and 

bipyridines,65,66 transition metal complexes,58 and other redox-active organic materials67–70 as possible 

sorbent species. Molecules for use in direct eCCC are designed for high binding affinity towards CO2, high 

CO2 capacity (i.e., high solubility and a large number of CO2 molecules bound per molecule of redox 

species), electrochemical and chemical stability, and resilience in the presence of oxygen (O2).71 In the 
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second type of eCCC process, the “indirect” pathway (Figure 1c), a redox-active molecule undergoes an 

electrochemical reaction but does not directly react with CO2. Instead, the electrochemically generated 

molecule can favorably bind with other species in solution (i.e., protons), changing the reaction 

environment and enabling the capture/release of CO2. A commonly studied indirect capture process uses a 

“pH-swing” mechanism, where proton coupled electron transfers (PCETs) can increase and decrease the 

pH when the redox-active molecule is reduced and oxidized, respectively. At high pH, hydroxides in 

solution react with CO2 to form bicarbonate/carbonate solutions, while at low pH, the CO2 equilibrium 

favors the gaseous phase and thus trigger the release of CO2. Molecules studied for use in this process 

include quinones,52,72 phenazines,73,74, redox-active amines,75 and inorganic compounds.67,76,77 As with the 

direct capture molecules, the indirect capture species must exhibit electrochemical and chemical stability 

in the presence of all flue gas components (i.e., O2), but they are also designed to have high pKa values and 

high solubility at all pH conditions.67 For both processes, molecules can be dissolved in an electrolyte or 

immobilized on an electrode surface, however, for the purposes of this work, we solely consider solubilized 

species. A key difference between these electrochemical approaches is that typical direct capture processes 

leverage nonaqueous solvents to avoid the possibility for protons in solution to compete with CO2 uptake 

(vide infra),78 while indirect pH-swing processes occur in aqueous environments. Here, we limit our 

discussion to these canonical solvent conditions; however, they are not necessarily a requirement of either 

system. In the future, altering such conditions may prove to be a viable option for process innovation.79 

The feasibility of both direct and indirect eCCC processes has been demonstrated at the laboratory scale 

through successful molecular discovery and proof-of-concept campaigns.54,61,72,73,80–82 These efforts must 

be complemented and contextualized by additional engineering analyses to investigate how these new 

approaches can best be leveraged to operate efficiently across various scales. Specifically, studies informing 

the required molecular properties and operating conditions necessary for technical and economic viability 

at practical scales can be used to identify knowledge gaps, navigate the complex design space, and 

effectively allocate resources. The cost and energy benchmarks set by commercialized thermochemical 
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capture systems provide targets upon which the performance of these electrochemical systems can be 

compared, thus offering an initial measure of potential competitiveness. To this end, thermodynamic studies 

have shown that the electrochemical system level energy requirements are comparable to, if not better than, 

those reported for state-of-the-art absorption-based PCC.49,50,54,56 Typical thermochemical system 

regeneration energies fall within 106 – 220 kJ mol-1 while electrochemical systems have been reported to 

range from 33.2 – 90 kJ mol-1.76,83–86 In addition, these reports have identified several possible system 

architectures consisting of 2–, 3–, and 4–stage configurations.49,50 In the “4–stage” configuration, regardless 

of the capture mechanism used, the redox-active molecules are first activated in an electrochemical cell via 

an electroreduction reaction and the solution is pumped to the absorption column where CO2 uptake occurs. 

The CO2-bound redox-active molecule then flows to the anode where an electrooxidation reaction shifts 

the equilibrium towards gaseous CO2. Finally, the solution passes on to a desorption unit (i.e., a flash tank) 

for CO2 release in a concentrated stream and the cycle is repeated. In addition to the 4–stage configuration, 

designs that eliminate the absorber (thus enabling cathodic absorption), flash tank (thus enabling anodic 

desorption), or both have been proposed as 3– or 2–stage configurations.49,50 In order to establish 

engineering frameworks upon which we can directly compare thermochemical systems to their emerging 

electrochemical counterparts, we elect to focus on the 4–stage configuration because of its direct correlation 

to the 4 stages in the amine-scrubbing process (Figure 1a). 

Despite the overlap in required unit operations between thermochemical and electrochemical capture 

platforms, to our knowledge, detailed comparisons in the design of such units have not been extensively 

studied. Specifically, it is presently unclear if the large absorption columns associated with thermochemical 

PCC will also apply to 4–stage eCCC. If the required absorption column for capturing CO2 from a flue gas 

stream using an electrochemical system is smaller than that for its thermochemical counterpart, the resulting 

capital cost reduction may further incentivize eCCC development. Alternatively, if the sizes are comparable, 

there may be options for eventual brownfield installations of the eCCC systems (i.e., using decommissioned 

absorption columns or retrofitting existing infrastructure with new and improved capture technologies), 
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thus avoiding new capital investments. Further, establishing connections between material properties, 

operating conditions, and absorption column size for eCCC systems may offer design guidance to chemical 

scientists. While traditional amine-based capture processes have been extensively studied and their full 

system performance (i.e., integration of the absorption columns, stripping columns, and heat exchangers) 

optimized to the point that amine concentration, CO2 loading into the absorption column, and flow rates 

have all been set to minimize total costs, 4–stage electrochemical systems have not yet matured. To inform 

column design in such eCCC systems, it is necessary to develop an understanding of the 4–stage process 

and derive material balances associated with the entire electrochemical system to determine required system 

flow rates and species concentrations entering and leaving the column. 

Here, we develop a comprehensive absorption column model that calculates the tower size required to 

capture and release a desired amount of CO2 in both eCCC and thermochemical systems. Due to the relative 

nascency of electrochemical capture platforms, we construct this generalized absorption column model in 

MATLAB to enable flexibility in the chosen redox-active species and associated electrolyte. We 

subsequently use the model to investigate how changes in molecular properties such as CO2 absorption 

kinetics, capture species solubilities, and equilibrium relationships as well as select system operating 

conditions can impact the absorption column size. We then perform a Monte Carlo sensitivity analysis on 

the direct and indirect eCCC input parameters to assess the likelihood that the eCCC absorption column 

packing volumes can be less than or equal to those of thermochemical capture columns required to capture 

the same amount of CO2 from the same flue gas streams. From these results, we identify desirable molecular 

properties for future electrolyte engineering efforts and discuss the possibility of downsizing or retrofitting 

state-of-the-art thermochemical platforms. While not the focus of this work, the model developed here sets 

the groundwork for future system level analyses (i.e., cost comparisons) that will integrate the absorption 

column performance with that of the electrochemical cell / stack and the desorption units. 
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Figure 1. Process descriptions of (a) alkanolamine-based thermochemical capture, (b) direct eCCC, and (c) 

indirect eCCC processes. The indirect eCCC process shown here represents a pH-swing process. 

  

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2 ORCID: https://orcid.org/0000-0001-8453-4701 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2
https://orcid.org/0000-0001-8453-4701
https://creativecommons.org/licenses/by-nc-nd/4.0/


9 

 

2. Process Description 

2.1. Overall Process Description 

For both eCCC processes, the 4–stage system configuration consists of an electrochemical reactor, an 

absorption column, and a desorption unit such as a flash tank (Figure 2a). A CO2-rich effluent stream 

exiting a power plant or industrial facility (i.e., cement or steel process) first enters the bottom of the 

absorption tower (Stream 1) where the gaseous CO2 is absorbed by a solubilized sorbent species. This gas 

effluent stream is well defined due to knowledge of the process emissions that stem from point source 

facilities. After CO2 is removed, the CO2-lean gas stream (Stream 3) exits from the top of the column. The 

CO2-rich liquid stream passes through the electrochemical reactor where the sorbent/solution affinity 

towards CO2 is diminished via an electro-oxidation reaction, enabling the release of a pure CO2 stream from 

the flash tank unit (Stream 5) for storage or utilization. The liquid solution is then passed through the 

cathode of the electrochemical cell for sorbent regeneration via an electro-reduction reaction to repeat the 

cycle. 

To compare the size of eCCC absorption columns with those used in previously investigated 

thermochemical processes, we design a system capable of separating the same amount of CO2 (i.e., 

achieving the same capture fraction, 𝛼) as a representative thermochemical system. For these processes, 𝛼 

is calculated according to Eq. 1, where �̅�𝑚 (mol h-1) is the total molar flow rate of the vapor stream, m, and 

𝑦𝑚,𝐶𝑂2 (–) is the mole fraction of CO2 in vapor stream, m. 

𝛼 =
CO2 removed from the flue gas

Total CO2 entering the column
=
�̅�5𝑦5,𝐶𝑂2
�̅�1𝑦1,𝐶𝑂2

= 1 −
�̅�3𝑦3,𝐶𝑂2
�̅�1𝑦1,𝐶𝑂2

            (1) 

From the known inlet flue gas properties (𝑦1,𝐶𝑂2 and �̅�1), the overall material balances across the gas 

streams (i.e., Streams 1, 3, and 5 as indicated by the light blue dashed box in Figure 2a), and 𝛼 can all be 

used to define the remaining unknown gas stream variables (�̅�3, �̅�5, and 𝑦3,𝐶𝑂2). The full gas-phase material 

balances are outlined in Section S.1 of the Supporting Information (SI). To determine the absorption 
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column size required to achieve 𝛼, we must use this information and other operating conditions to also 

predict the flow rates and species concentrations in the liquid streams. While we are most interested in the 

material balances around the absorption unit (green dashed box in Figure 2a), material balances about all 

process units must be evaluated for both the direct and indirect capture process to ensure that the conditions 

and molecular parameters provided can achieve the desired capture fraction. 

 

Figure 2. (a) Schematic of a 4–stage electrochemical CO2 capture process. The blue dashed box represents 

the material balance on the gas streams and the green dashed box represents the material balance on all 

streams entering and leaving the absorption column. (b) Detailed view of the schematic used to model 
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concentration profiles along the length of the absorption column and of the two-film region that is required 

to model the mass transport between the gas and liquid phases within the column. 

2.2. Direct Capture Process: Overview and Material Balances 

The absorption mechanism in direct eCCC processes typically follows the subsequent set of reactions 

(Eq. 2 – Eq. 5) to bind and release CO2. 

R+𝑛𝑒− → R𝑛−     (2) 

R𝑛− + 𝑞CO2
  𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡  
↔      R(CO2)𝑞

𝑛−    (3) 

R(CO2)𝑞
𝑛− → R(CO2)𝑞+𝑛𝑒

−   (4) 

R(CO2)𝑞
  1/𝐾2,𝑑𝑖𝑟𝑒𝑐𝑡  
↔        R + 𝑞CO2    (5) 

Where R represents a generic capture species in the direct capture process, n is the number of electrons 

transferred per mole of R reduced or oxidized, q is the number of moles of CO2 taken up per mole of capture 

species, 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 (–) is the binding affinity of the capture species towards CO2 in the reduced/activated state 

(𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 =
[R(CO2)𝑞

𝑛−][𝐶0]

[R𝑛−][CO2]
𝑞 ), and 𝐾2,𝑑𝑖𝑟𝑒𝑐𝑡 (–) is the binding affinity of the capture species towards CO2

 in 

the oxidized/deactivated state (𝐾2,𝑑𝑖𝑟𝑒𝑐𝑡 =
[R(CO2)𝑞][𝐶0]

[R][CO2]
𝑞 ). For direct eCCC processes, 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 ≫ 𝐾2,𝑑𝑖𝑟𝑒𝑐𝑡 

to facilitate capture and release at different oxidation states, but the exact values of these binding constants 

vary across sorbents and electrolytes. In the equilibrium expressions, [𝐶0] is the standard concentration (1 

M). 

As mentioned earlier, in some cases the nucleophilic capture molecules may have pKa values greater 

than that of water, leading to protonation in place of CO2 uptake under aqueous conditions. For example, 

according to Simpson and Durand, the rate of protonation of the anthraquinone dianion is twice that of the 

rate of CO2 uptake.62 For such molecules, this necessitates that the capture species is dissolved in organic, 

aprotic solvents such as dimethylformamide (DMF), dimethyl sulfoxide (DMSO), propylene carbonate 
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(PC), or acetonitrile (ACN) to maximize capture species utilization.87 To enable rapid ion mobility for 

electroanalytical studies, many experiments have been performed in DMF or ACN;80,88,89 however use of 

these solvents at scale may be challenging due to their toxicity and volatility, respectively. As such, in this 

work, we explore the utilization of PC as the solvent. 

Many direct capture molecules can undergo 2-electron transfers (𝑛 = 2); however, the value of q varies 

between 1 or 2 depending on the binding strength of the radical anion (R●-) towards CO2.68 Consequently, 

the mechanism by which these capture molecules bind with CO2 can follow an ECEC/ECE62,69,89,90 or 

EEC91–93 mechanism, where “E” represents electrochemical reactions and “C” represents any chemical 

reactions with CO2. As values for the dianion binding affinity towards CO2 (𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡) are widely available 

across literature, we assume an EEC mechanism in this work. This also allows us to estimate an upper 

bound of column sizing given the lower CO2 capacity of the sorbent species. 

Despite the CO2 uptake reaction in the absorption column being of a similar form to that observed in 

amine-based thermochemical capture processes (𝐴 + CO2
𝑘1
→𝐵), extensive kinetic studies investigating the 

CO2 uptake (or homogeneous reaction) rates have yet to be performed across all relevant eCCC sorbent 

molecules. The few studies that have been conducted suggest a second-order rate constant, k1,f,direct (M-1 s-

1), which varies across two orders of magnitude (ca. 6-661 M-1 s-1) depending on the sorbent species, 

solvents, and supporting salts.62,82,90 This range of rate constants is significantly lower than the reported rate 

constants between MEA and CO2 (k1,f,MEA ≈ 5868 M-1 s-1 at room temperature).94–96 However, these studies 

focused on strong nucleophiles (i.e., benzoquinone, anthraquinone, naphthoquinone, phenanthrenequinone, 

etc.) with q = 2 and the reported rate constants were measured only after reduction to the semiquinone (i.e., 

for the first CO2 uptake reaction).62,82,90 We hypothesize that if the rate constants associated with the uptake 

of CO2 after full reduction to R𝑛− were measured, they would be larger due to the increased nucleophilicity 

of the sorbent species.82 Accordingly, we assume that, for EEC mechanisms, the rate constants listed above 

serve as a lower bound. This assumption may be revisited once additional experimental studies are 
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performed to measure the rate of reaction between CO2 and the dianion for molecules exhibiting EEC 

mechanisms. Further, if the rates of reaction between CO2 and the capture molecule impact process viability, 

molecular design campaigns can be pursued to engineer species with faster uptake rates. In this work, we 

focus on addressing the impacts of these uncertain rate constants on the direct eCCC absorption column 

size. 

Given these model conditions and the anticipated importance of reaction rate on the column size, we 

develop a set of governing equations for the entire capture process (i.e., absorption column, electrochemical 

reactor, and flash tank) to ensure the requirements of the electrochemical cell are met while simultaneously 

achieving the desired capture fraction. Across all unit operations, the total concentration of capture species, 

[Rtot] (mol L-1) must remain constant and thus we define this as the sum of R in all process-relevant states 

(Eq. 6). 

[Rtot] = [R
𝑛−] + [R] + [R(CO2)𝑞

𝑛−] + [R(CO2)𝑞]                   (6) 

As with other electrochemical systems (e.g., batteries) and prior eCCC literature,49,50 we define the state-

of-charge of the direct capture process, 𝑥𝑎,𝑑𝑖𝑟𝑒𝑐𝑡 (–), as the fraction of capture species in its activated (a) 

state (Eq. 7). 

𝑥𝑎,𝑑𝑖𝑟𝑒𝑐𝑡 =
[R𝑛−]+[R(CO2)𝑞

𝑛−]

[Rtot]
         (7) 

With each single pass of the electrolyte through the electrochemical cell (or stack), it is possible to control 

this state-of-charge through the passage of current. Given that the electrochemical cell is not the focus of 

this discussion, we opt to symmetrically adjust the state-of-charge around 0.5, setting the upper and lower 

bounds on the state-of-charge as 𝑥𝑎,𝑑𝑖𝑟𝑒𝑐𝑡=0.5±
∆𝑥𝑎

2
.50 While the state-of-charge remains constant within 

the absorption column where no electrochemical reactions occur, it will increase and decrease across the 

cathode and the anode, respectively, to enable the capture and release of CO2 in the absorption column and 

flash tank that follow. 
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Beyond these electrochemical relationships, the flux of CO2 into and out of the system requires 

additional carbon balances. The 4–stage system is designed so that CO2 only enters/leaves the solution in 

the absorber/flash tank. Consequently, we define a CO2 balance where the total dissolved inorganic carbon 

(DIC, mol L-1) is constant across the cathode and anode. The expression for DIC in stream m is shown in 

Eq. 8. 

DIC𝑚,𝑑𝑖𝑟𝑒𝑐𝑡 = [CO2]𝑚 + 𝑞[R(CO2)𝑞
𝑛−]

𝑚
+ 𝑞[R(CO2)𝑞]𝑚

       (8) 

For the DIC across the anode and the cathode to be constant (i.e., DIC7=DIC4 and DIC2=DIC6), the 

liquid phase volumetric flow rate must be constant across all process units. This is only true if the solution 

is dilute in the absorbate, CO2. The maximum CO2 concentration in a PC-based solution is limited to ~0.103 

mol L-1 bar-1 at room temperature,97 thus, assuming only PC and CO2 in solution, its liquid-phase mole 

fraction will not exceed 0.007 (the presence of a supporting salt may further lower this value). This low 

concentration validates that we can assume constant liquid flow rate without loss of generality. 

To achieve the preset capture efficiency and encapsulate the uncertainty in CO2 uptake rates, we cannot 

assume both chemical (i.e., K1,direct and K2,direct) and phase (i.e., Henry’s Law) equilibrium along the height 

of the absorber, as has been done in prior eCCC models.49,50 Rather, we calculate the total CO2 exchanged 

between phases through a rate-based absorption column model reliant on changing reaction rates and 

interfacial fluxes. Given the uncertainty in the reaction rate constants and the impact that both mass transfer 

and kinetics will have on the column concentration profiles, the liquid stream outlet conditions will likely 

deviate the most from its equilibrium state. To appropriately size the column to achieve the specified CO2 

uptake and release, we choose to relax one of the equilibrium assumptions at the liquid outlet and apply the 

material balance in Eq. 9, where �̇�𝐿 (m3 h-1) is the solution volumetric flow rate. A similar balance can be 

written around the flash tank without the additional gas inlet term; however, for that unit we can assume 

both chemical and phase equilibrium, as flash tanks are single-equilibrium-stage units.98 
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�̇�𝐿(DIC4,𝑑𝑖𝑟𝑒𝑐𝑡) + �̅�1𝑦𝐶𝑂2,1 = �̇�𝐿(DIC2,𝑑𝑖𝑟𝑒𝑐𝑡) + �̅�3𝑦𝐶𝑂2,3              (9) 

By relaxing either the assumption of chemical equilibrium or phase equilibrium, we generate two 

extreme estimates of CO2 concentration at the liquid outlet of the absorption column. Adhering to Henry’s 

law to achieve phase equilibrium establishes an upper bound on CO2 concentration, while achieving 

chemical equilibrium sets the lower bound. Consequently, we can selectively choose which constraint is 

enforced depending on the absorption column conditions. This decision-making process will be further 

discussed in Section 4.2 (vide infra). The full derivation of relevant material balances for the 4–stage 

process is available in Section S.2 of the SI. 

2.3. Indirect Capture Process: Overview and Material Balances 

An alternative eCCC method is via pH-swing mechanisms that exploit the natural equilibrium between 

CO2 and aqueous solutions.48,71 Rather than a redox-active sorbent species, these “indirect capture 

processes" require a redox-active species to undergo a proton coupled electron transfer (PCET) to enable 

the removal/release of a proton upon reduction/oxidation, respectively. The mechanism for indirect capture 

typically follows Eq. 10 – Eq. 13, where Q represents a generic redox-active mediator species, 𝐾1,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 

(–) is the equilibrium constant between CO2 and bicarbonate (HCO3
−), 𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 (–) is the equilibrium 

constant between HCO3
− and carbonate (CO3

2−), and 𝐾𝑤 (~1×10-14, –) is the water dissociation constant 

into proton (H+) and hydroxide (OH−) ions. Eq. 11a, b and Eq. 13a, b represent the CO2 uptake and release 

steps in the process, respectively. 

Q+ 𝑛𝑒− + 𝑛H+ → QH𝑛               (10) 

OH− + CO2
𝐾1,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡/𝐾𝑤
↔          HCO3

−                         (11a) 

HCO3
− 𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡↔      CO3

2− + H+               (11b) 
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QH𝑛 → Q+ 𝑛H+ + 𝑛𝑒−                (12) 

CO3
2− +H+

1/𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡
↔        HCO3

−                (13a) 

HCO3
− + H+

1/𝐾1,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡
↔        CO2 + H2O         (13b) 

For many mediator species studied in pH-swing capture process, the number of electrons transferred, n, is 

typically 2, and thus we will only consider such cases here.52,53,73,99 The first CO2 uptake step (Eq. 11a) is 

written with hydroxides as opposed to protons due to 1) the likelihood that the solution pH will be high to 

accelerate the absorption reactions and 2) the rate-limiting reaction is the conversion of CO2 and OH− to 

HCO3
−.100,101 These equilibria and rate constants are well-studied due to their relevance to ocean 

acidification and CO2 mineralization.102 

Because the rate of reaction in the column is limited by the interaction between OH− and CO2, the 

accessible pH after deacidification (reduction) will have a significant effect on the absorber size. 

Consequently, achieving a high pH is desirable; however, it is unlikely that the mediator species will fully 

protonate to QH2, as the degree of protonation relies on the acid dissociation constants (Ka,1 and Ka,2, –) of 

the mediator species. The generalized mechanism above suggests that Q completely reduces and converts 

to QH2, however, to generalize the model for a variety of redox species, we assume that the reduced species 

equilibrate with protons according to the relationships in Eq. 14 and Eq. 15. 

QH2
𝐾𝑎,1
↔ QH− +H+    (14) 

QH−
𝐾𝑎,2
↔ Q2− + H+    (15) 

Reduced mediator species with high pKa values (pKa = −log (𝐾𝑎)) have an increased affinity for 

protons in solution, enabling broader pH swings. Generally, if the pH of the solution is greater than the pKa 
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of a species, proton dissociation will be favored. In addition to the pKa, buffering via the bicarbonate and 

carbonate species in solution will limit the pH change and must be accounted for in the model. 

Given the dependency of CO2 uptake rate on system pH, we follow a similar framework to that 

developed in the direct capture process (Section 2.2) to appropriately account for CO2 balances around the 

absorber. Specifically, we apply identical material balance constraints (i.e., constant DIC in the 

electrochemical reactor and constant state-of-charge in the absorption column and flash tank). For the 

indirect capture process, we can define the total mediator species concentration ([Q
tot
]), state-of-charge 

(𝑥𝑎,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡), and DIC for a single stream, m, as shown in Eq. 16 – Eq. 18. 

[Q
tot
] = [Q2−] + [QH−] + [QH2] + [Q]    (16) 

𝑥𝑎,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 =
[Q2−]+[QH−]+[QH2]

[Qtot]
     (17) 

DIC𝑚,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 = [CO2]𝑚 + [HCO3
−]𝑚 + [CO3

2−]
𝑚

  (18) 

As with the direct capture process, prior indirect system material balances have assumed that all streams 

achieve equilibrium within the absorption column.54 To relax this assumption and account for the CO2 

uptake rates in the column, we use Eq. 9 and its equivalent form in the flash tank to appropriately balance 

the CO2 entering/ leaving the units as well as choose whether to constrain chemical or phase equilibrium in 

the stream leaving the column. According to Wallin and Olausson, the uptake of CO2 into alkaline aqueous 

solutions at room temperature occurs with a second-order rate constant of 8332 M-1 s-1 while the rate 

constant for CO2 absorption in MEA systems is around 5868 M-1 s-1.94,101 Despite the fact that these are of 

the same order of magnitude, the CO2 uptake reactions in basic (pH ~14) solutions occur at lower OH− 

concentrations (~1 M) than those of MEA systems (typically, ~5 M). Consequently, it is likely that the rates 

of reaction in the indirect eCCC process (dictated by the multiplicative product of the active species 

concentrations and the rate constant) will be slower than amine capture systems. While it may be possible 
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to elevate the hydroxide concentrations by adding base to the solution (and thus allowing for faster rates of 

reaction), we do not consider this in the present work due to prior observations that excessive base can 

prevent the release of sufficient CO2.103 To account for the anticipated slower uptake kinetics, we chose to 

constrain the absorber outlet to achieve CO2 phase equilibrium (i.e., satisfy Henry’s law) while relaxing 

𝐾1,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡. All other equilibria (𝐾𝑤, 𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡, 𝐾𝑎,1, and 𝐾𝑎,2) apply at all stages in the column. The 

accuracy of these assumptions will be discussed in Section 4.3 (vide infra). 

In addition to the above relationships, the indirect process involves the dynamic exchange of protons 

between hydroxides, bicarbonates, carbonates, and reduced forms of the mediator species to maintain their 

equilibria, resulting in the definition of a total alkalinity (TA, mol L-1), shown here for a single stream, m 

(Eq. 19).104 

TA𝑚 = [HCO3
−]𝑚 + 2[CO3

2−]
𝑚
+ [OH−]𝑚 + 2[Q

2−]
𝑚
+ [QH−]𝑚 − [H

+]
𝑚

    (19) 

When current is applied across the electrochemical reactor, the TA will change as electrons are 

added/removed from the system to enable shifts in the pH. We can use the relationships in Eq. 20 and Eq. 

21 to capture the change in TA across the cathode and the anode, respectively.  

TA4 − TA7 = 𝑛Q𝑡𝑜𝑡∆𝑥𝑎       (20) 

TA2 − TA6 = 𝑛Q𝑡𝑜𝑡∆𝑥𝑎       (21) 

As no electrons transfer to or from the solution in the absorption column and the flash tank, the TA must be 

constant in those process units to maintain the charge balance. The full derivation of the material balances 

used to estimate the outlet concentration from the absorption column can be found in Section S.3 of the SI. 

3. Absorption Column Sizing: Model Development 

The simultaneous physical absorption of CO2 coupled with the reactive uptake of CO2 by dissolved 

reactants requires a rate-based, reactive absorption model that describes the change in concentrations along 

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2 ORCID: https://orcid.org/0000-0001-8453-4701 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2
https://orcid.org/0000-0001-8453-4701
https://creativecommons.org/licenses/by-nc-nd/4.0/


19 

 

the column length.98 While Aspen Plus® or other process engineering software packages are well-equipped 

to incorporate system thermodynamics into reactive absorption column design, the unique application of 

this column to an electrochemical process requires frameworks not readily available or easily adaptable in 

such software (i.e., electrochemical unit operations and the flexibility to quickly study a wide variety of 

sorbent species). Consequently, we use prior reports of absorption column design equations to build an in-

house column sizing model for use in both thermochemical and electrochemical systems, which we 

validated against well-studied systems (i.e., amine-based CO2 capture processes). 

Amine-based capture technologies were first introduced in the 1930s and have become the state-of-the-

art approach for PCC.105,106 Over the past several decades, the growing interest in such platforms to remove 

CO2 from point source process emission streams has led to extensive investigation of absorption column 

design via experimental and modeling efforts. Practitioners have developed libraries of physicochemical 

properties and reaction rates/mechanisms for a range of alkanolamines to aid in the accurate study and 

optimization of absorption columns that utilize these chemistries. Specifically, the CO2 reaction 

kinetics,94,95,107 diffusivities,108 solubility,8,37,38 viscosity,109 density,39,110 and other material properties of the 

most commonly used amine, MEA, have been well-documented, enabling a detailed understanding of 

molecular interactions for process modeling and cost studies.111 MEA-based absorption columns 

implemented at the bench-, pilot-, and industrial-scale have allowed researchers to investigate absorption 

column concentration and temperature profiles as well as overall performance.38,112–115 Additionally, 

modeling work to assist in designing relevant and optimized columns at various scales has been established 

and well-validated for MEA systems.22,38,116 While such modeling approaches differ in complexity, they 

provide a valuable knowledge base that can be leveraged in the pursuit of new CCUS materials and 

applications. 

Many early absorption column models assume a simple equilibrium-stage model; however, when an 

absorber is physically operated, the internal theoretical stages do not achieve equilibrium conditions due to 
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kinetic and mass transfer limitations.117–119 To address this, rate-based models using film, penetration, or 

surface renewal theories have been developed to capture both reaction kinetics and interfacial mass transfer 

dynamics.120,121 Prior models developed for MEA-based CO2 absorbers consistently exploit such rate-based 

dynamics; however, because the reaction between MEA and CO2 is assumed to be an irreversible, pseudo-

first order reaction, analytical solutions can be obtained via the definition of enhancement factors (ratio of 

mass transfer coefficients with and without reaction) and Hatta numbers (ratio between diffusion and 

reaction time).121,122 While this simplifies many MEA-based reactive absorption models, it is uncertain if 

emerging eCCC processes will follow the same irreversible, pseudo-first order kinetics. Thus, we elect to 

focus on numerical solutions to the rate-based absorber model to enable functionality for reactions that 

could be reversible and second-order. The adapted model can predict the diameter and height of both 

thermochemical and eCCC process columns by adopting a combined plug-flow reactor model with a two-

film reaction-diffusion framework (Figure 2b). To ensure flexibility, the model is generalized to match the 

uncertainty surrounding both direct and indirect eCCC capture methods. We also incorporate separate sets 

of expressions and correlations for random and structured packing materials to enable future investigations 

into the effects of packing material properties and costs. 

3.1. Absorption Column Sizing Model: Diameter 

To size the absorber accurately, we must first calculate the column diameter, as the column height 

depends on the cross-sectional area. This diameter can be determined via different relationships reported 

across the open literature; however, each are directly related to the ratio of the liquid and vapor mass flow 

rates (𝐿/𝑉, –) through the column.98,123 We use reported column diameter calculations and correlations for 

both random and structured packing materials summarized in Seader, Henly, and Roper.98 A commonly used 

liquid-gas kinetic energy factor, FLV (–), establishes a relationship between the liquid phase mass flow rate 

(L (kg s-1)), liquid molecular weight (ML (g mol-1)), liquid phase density (𝜌𝐿 (kg m-3)), gas phase mass flow 
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rate (V (kg s-1)), gas molecular weight (MG (g mol-1)), and gas phase density (𝜌𝐺 (kg m-3)) as shown in Eq. 

22. 

𝐹𝐿𝑉 = (
𝐿𝑀𝐿

𝑉𝑀𝐺
) (

𝜌𝐺

𝜌𝐿
)
0.5

           (22) 

The vapor flow rates are set by the flue gas stream emitted from the power plant or industrial facility, 

while liquid flow rates require additional design decisions. It has been observed that as long as 0.005 < FLV 

< 5 for random packing materials and 0.005 < FLV < 2 for structured packing, an absorption column can 

maintain sufficient flooding and pressure drop conditions.123,124 Given this range and the relationship 

described in Eq. 22, for a 17.45% CO2 flue gas stream with a density of 1.32 m3 kg-1 (N2 difference at 1 bar 

and 20°C) and a liquid solution with a density of ~1000 m3 kg-1, the absorber can successfully perform the 

desired separation with 𝐿/𝑉 ratios ranging from ~0.5 to ~110.98 Despite the wide operating window, prior 

cost optimizations have suggested that MEA-based capture systems should operate around 𝐿/𝑉 ≈ 1.4-2.5 

to minimize the thermal energy required to release CO2 and regenerate the sorbent.125 Thus, while the 

absorber can operate at a range of flow rates, process optimization may be required to understand the effects 

of altered flow rates on the efficiency of adjacent units. 

Experimental data collected at constant pressure drop column flooding conditions have been used to 

develop isobaric trends / correlations between the independent variable, FLV, and an empirical factor, FC (–

), which is a function of the vapor velocity, packing factor, liquid phase density, gas phase density, and 

liquid kinematic viscosity.126,127 Its expression is expanded in Eq. S1. The pressure drop at flooding 

conditions can be calculated from the packing material packing factor (Eq. S2), enabling the determination 

of FC via interpolation across the lines of constant pressure drop in the correlations discussed above.98 From 

FC, it is possible to calculate the superficial vapor velocity, uG,flood (m s-1), and calculate the column diameter, 

𝐷𝑎𝑏𝑠 (m), via Eq. 23.98 

𝐷𝑎𝑏𝑠 = [
4𝑉

𝑓𝑢𝐺,𝑓𝑙𝑜𝑜𝑑𝜋𝜌𝐺
]
0.5

                     (23) 
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Where 𝜌𝐺 (kg m-3) is the gas phase density, 𝑢𝐺,𝑓𝑙𝑜𝑜𝑑 (m s-1) is the estimated gas phase flooding velocity, 

and 𝑓 (–) is the fraction of flooding in the column. This flooding fraction can vary, but typical absorbers 

operate between 0.5 and 0.7.123 While Towler and Sinott recommend that the column be designed to operate 

at the highest economical pressure drop, this is left for future techno-economic optimization and, in this 

work, we simply focus on maintaining good liquid and gas distributions by keeping FLV within the 

acceptable range and allowing the pressure drop to vary accordingly.123 Further details regarding this 

calculation are included in the Section S.4.1 of the SI. 

3.2. Absorption Column Sizing Model: Height 

To determine the absorber height, we assume thermal equilibrium across the gas and liquid phases, 

isothermal behavior in the column, ideal gas behavior, counter current flow through the column, and that 

plug flow applies to both the gas and liquid phases through the bulk of the column, as is typically assumed 

in such models.117,118,128–133 Additionally, we assume that CO2 is the only species transferred across the 

interface and that we can represent the fluxes across this gas/liquid interface in a two-film model.118,128,129,131 

While we apply a plug flow assumption here, it is important to note that axial mixing may become important 

at industrial scales.134–137 To verify that the plug flow assumption is valid, we can use the largest calculated 

axial dispersion coefficient, ~2.87 × 10-3 m2 s-1,128 from a reactive absorption pilot plant (similar in size to 

the columns we contemplate in this work) as well as process-relevant gas velocities and packing material 

particle diameters in order to calculate the Bodenstein number (𝐵𝑜 =
𝑢𝐺𝑑𝑝

𝒟𝑎𝑥
), where 𝑢𝐺 (m s-1) is the gas 

velocity, 𝑑𝑝 (m) is the packing material diameter, and 𝒟𝑎𝑥 (m2 s-1) is the axial dispersion coefficient.128 The 

𝐵𝑜 number is used to determine if dispersion is significant by comparing the amount of species introduced 

by convection to that introduced by dispersion, such that high values approach plug flow conditions with 

no back-mixing (convection dominates) while low values approach stirred tank-reactor conditions and 

exhibit full back-mixing (dispersion/diffusion dominates).138 We observe that under conditions relevant to 

this work, Bo ≫ 1, suggesting that convection effects are more important than dispersion effects.128,136 In 
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general, the effects of dispersion would reduce the mass transfer driving forces, thus leading to an 

underestimation of column height under the plug flow assumption.136 

To determine the column height, we model the concentration profiles and partial pressures of all 

reacting species from the bottom to the top of the unit. The outlet stream concentrations are calculated using 

the material balances outlined in Section 2.2 and Section 2.3. Using the CO2 partial pressure profile, we 

determine the height at which the desired capture fraction is achieved. Accordingly, we develop the 

following set of index 1 differential algebraic equations (DAEs) for both direct and indirect eCCC as has 

been previously done for isothermal reactive absorption models to solve for the gas-phase molar flow rate 

and concentration profiles along the column height.117,120 The gas-phase continuity equation for the CO2 

that is absorbed by the liquid along the height, z (m), is displayed as Eq. 24: 

𝑑𝑃𝐶𝑂2
𝑑𝑧

=
𝐴

�̅�
(𝑃0𝑎𝑤𝑁𝐶𝑂2|𝑦=0

)           (24) 

where 𝑃CO2
 (bar) is the partial pressure of CO2 in the gas stream, 𝐴 (m2) is the cross-sectional area of the 

column, �̅� (mol h-1) is the total molar flow rate of the vapor stream, 𝑃0 (bar) is the total pressure, 𝑎𝑤 (mI
2
 

mpacking
-3) is the effective interfacial area of packing per unit packed volume, and 𝑁𝐶𝑂2|𝑦=0

 (kmol mI
-2 h-1) 

is the flux of CO2 across the gas-liquid interface that can be calculated from the two-film model (vide infra). 

The liquid-phase continuity equation for the CO2 that is absorbed from the gas and further reacted either 

with the redox-active sorbent (R) in the case of direct capture processes or with the hydroxides (OH−) in 

the case of indirect capture processes can be written as Eq. 25: 

𝑑[CO2]

𝑑𝑧
=

𝐴

�̇�𝐿
(𝑎𝑤𝑁𝐶𝑂2|𝑦=𝛿

− 𝑟1ℎ𝐿)                      (25) 

where [CO2] (kmol mL
-3) is the concentration of dissolved CO2 in the liquid, �̇�𝐿 (mL

3 h-1) is the liquid 

volumetric flow rate (a constant value), 𝑁𝐶𝑂2|𝑦=𝛿
 (kmol mI

-2 h-1) is the flux of CO2 leaving the liquid 

boundary layer (vide infra), 𝛿 (m) is the liquid boundary layer thickness, 𝑟1 (kmol mL
-3 h-1) is the rate of 

CO2 reaction in the liquid, and ℎ𝐿 (mL
3 mpacking

-3) is the liquid hold-up (vide infra). 
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To account for changes in the molar flow rate of the gas phase throughout the absorption column we 

apply Eq. 26: 

𝑑�̅�

𝑑𝑧
= 𝑎𝑤𝑁𝐶𝑂2|𝑦=0

𝐴            (26) 

The final universal algebraic expression for modeling CO2 absorption in direct and indirect eCCC 

describes the CO2 balance around the bottom of the column (Eq. 27): 

�̇�𝐿(DIC𝑧) + �̅�1𝑦1,𝐶𝑂2 = �̇�𝐿(DIC2) + �̅�𝑧𝑦𝑧,𝐶𝑂2                  (27) 

where the subscripts 1 and 2 refer to the conditions in Stream 1 and Stream 2, respectively, and subscript z 

refers to the values at a particular column height. 

Beyond these general absorption column relationships that apply to all systems, there are further 

equilibrium expressions and balances, outlined in Table 1, that need to be applied specifically to direct or 

indirect eCCC processes. In addition to tracking the CO2 partial pressure and the gas flow rate, we must 

account for 5 species in solution in the direct capture process (CO2, R𝑛−, R(CO2)𝑞
𝑛−, R, and R(CO2)) 

while the indirect capture process involves 8 solubilized species (CO2, HCO3
−, CO3

2−, OH−, H+, Q2−, QH−, 

and QH2). The additional 3 species in the indirect process necessitate further expressions to fully define the 

index 1 DAE. 

Table 1. Additional equilibrium expressions and material balances for the direct and indirect eCCC 

processes that are applied to solving for the absorption column height. In these expressions, [i] (kmol m-3) 

represents the concentration of species i in the liquid phase at height z (m), [𝑅𝑡𝑜𝑡] (kmol m-3) is the total 

concentration of capture species R in solution (in all oxidation states), [𝑄𝑡𝑜𝑡] (kmol m-3) is the total 

concentration of mediator species Q in solution (in all oxidation states), subscript z represents height z (m), 

and a subscript of 2 in reference to concentrations (i.e., not the equilibrium expressions) represents the value 

at the liquid outlet Stream 2. 

 Direct Indirect 

1 
𝐾2,𝑑𝑖𝑟𝑒𝑐𝑡 =

[R(CO2)][𝐶0]

[R][CO2]
 𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 =

[CO3
2−][H+]

[HCO3
−][𝐶0]

 

2 
(0.5+

∆𝑥𝑎
2
) [𝑅𝑡𝑜𝑡] = [R(CO2)𝑞

𝑛−] + [R𝑛−] 

(total activated capture species balance) 

𝐾𝑤 =
[H+][OH−]

[𝐶0]
2
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3 
(0.5−

∆𝑥𝑎
2
) [𝑅𝑡𝑜𝑡] = [R(CO2)] + [R] 

(total deactivated capture species balance) 

𝐾𝑎,1 =
[QH−][H+]

[QH2][𝐶0]
 

4  
𝐾𝑎,2 =

[Q2−][H+]

[QH−][𝐶0]
 

5  TA𝑧 = TA2 

(total alkalinity / charge balance) 

6  
(0.5+

∆𝑥𝑎
2
) =

[Q2−] + [QH−] + [QH2]

[Q𝑡𝑜𝑡]
 

(total reduced mediator species balance) 

 

In the above differential equations, the effective interfacial area, 𝑎𝑤 (m2 m-3), for random packing 

materials has been empirically studied and can be determined through Onda’s correlations using the actual 

interfacial area of packing per unit packed volume (𝑎, m2 m-3) and other fluid physicochemical properties.139 

This is outlined in Section S.4.2 of the SI. For structured packing, we implement correlations developed 

by Hanley and Chen, as outlined in Section S.4.3 of the SI.140 Additionally, the definition of the liquid hold-

up, ℎ𝐿, uses the dimensionless expression developed by Billet and Shultes that is outlined in Section S.4.4 

of the SI.98,141 

3.3. Two-Film Model 

The flux across the interface (𝑁𝐶𝑂2|𝑦=0
) and the liquid boundary layer (𝑁𝐶𝑂2|𝑦=𝛿

) used in the above 

plug flow model can be determined from a two-film model developed for the direct and indirect capture 

processes. While several models exist that describe this interfacial behavior (i.e., two-film, penetration, or 

surface renewal theory),120,121 we choose the two-film approach to simplify our model while still capturing 

the uncertainty in the electrochemical system reaction rates and mechanisms. In the gas phase, we assume 

that the resistance to mass transfer is related to Henry’s law: 

[CO2]𝐼,𝑧 = 𝐻𝐶𝑂2𝑃𝐶𝑂2,𝑧               (28) 
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where [CO2]𝐼,𝑧 (kmol m-3) is the concentration of CO2 in the liquid at the gas-liquid interface (I) for a given 

column height (z), 𝐻𝐶𝑂2 (kmol m-3 bar-1) is the Henry’s law constant for CO2, and 𝑃𝐶𝑂2,𝑧(bar) is the partial 

pressure of CO2 in the gas phase at a given column height (z). For the boundary layer in the liquid phase, 

we model the resistance to mass transfer via a reaction-diffusion framework based on the following steady-

state expression: 

0 =  𝒟𝑖
𝑑2[𝑖]

𝑑𝑦2
+ 𝑟𝑖    (29) 

where y (m) is the distance from the interface in the liquid-phase reaction boundary layer, 𝒟𝑖 (m
2 s-1) is the 

diffusion coefficient of species i, and the reaction term, ri (kmol m-3 s-1), is the rate of consumption of 

species i. 

Direct Capture Two-Film Model 

We first derive the set of equations for the boundary value problem in a direct eCCC process by 

expressing each of the unknown species boundary layer concentrations ([CO2], [R
𝑛−], [R(CO2)

𝑛−], [R], 

and [R(CO2)]) in a set of differential equations. In accordance with Eq. 3 and Eq. 5, there are two possible 

reactions that can occur in the direct eCCC column, and their rate laws can be represented by the following 

expressions: 

𝑟1,𝑑𝑖𝑟𝑒𝑐𝑡 = −𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 ([CO2][R
𝑛−] −

[R(CO2)
𝑛−][𝐶0]

𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡
)                   (30) 

𝑟2,𝑑𝑖𝑟𝑒𝑐𝑡 = −𝑘2,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 ([CO2][R] −
[R(CO2)][𝐶0]

𝐾2,𝑑𝑖𝑟𝑒𝑐𝑡
)                     (31) 

where 𝑟1,𝑑𝑖𝑟𝑒𝑐𝑡 and 𝑟2,𝑑𝑖𝑟𝑒𝑐𝑡 (kmol m-3 s-1) are the rates of the two CO2 absorption/ desorption reactions and 

𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 and 𝑘2,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 (m
3 kmol-1 s-1) are the forward rate constants for those reactions. Eq. 30 and Eq. 

31 are written in terms of their forward rate constants and the equilibrium expressions. 

As with the material balances across the column, we assume that the reaction between CO2 and the 

deactivated capture species (R) is in equilibrium, and thus 𝑟2,𝑑𝑖𝑟𝑒𝑐𝑡 = 0, eliminating the dependence of 

[CO2] on [R] and [R(CO2)] in the thin film. Thus, for the direct capture process, we do not monitor the 
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concentrations of the deactivated capture species in the film as this is not required to calculate the CO2 flux 

through the boundary layers and across the interface. Additionally, while this process will require counter 

ions in the form of a supporting electrolyte, they are not directly involved in the equilibria and are assumed 

to be present in excess in solution. Thus, they can be ignored in this analysis. In accordance with Eq. 29 

and Eq. 30, we write the following differential equation describing the concentration profile of CO2 through 

the liquid film. 

𝑟1,𝑑𝑖𝑟𝑒𝑐𝑡 = −𝒟𝐶𝑂2
𝑑2[CO2]

𝑑𝑦2
= −𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 ([CO2][R

𝑛−] −
[R(CO2)

𝑛−][𝐶0]

𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡
)           (32) 

Similar expressions can be developed for [R𝑛−] and [R(CO2)
𝑛−] as outlined in Section S.5 of the SI. 

At the gas-liquid interface (𝑦 = 0), we define Neumann boundary conditions to set the flux of R𝑛− and 

R(CO2)
𝑛− equal to 0 since we assume that the capture species cannot leave the liquid phase. At this 

interface, we also set the flux of CO2 in the gas and liquid phases equal. In the gas film, the rate of mass 

transfer and thus the flux can be expressed in terms of 𝑘𝐺 (kmol m2 s-1 bar-1), the mass-transfer coefficient 

in the gas phase. 

𝑁𝐶𝑂2|𝑦=0
= 𝑘𝐺[𝑃𝐶𝑂2,𝑏 − 𝑃𝐶𝑂2,𝐼]              (33) 

This can be related to the liquid phase via: 

𝑘𝐺[𝑃𝐶𝑂2,𝑏 − 𝑃𝐶𝑂2,𝐼] = −𝒟𝐶𝑂2
𝑑[CO2]

𝑑𝑦
|
𝑦=0

             (34) 

where subscript b and I refer to the bulk and interfacial values, respectively. 𝑃𝐶𝑂2,𝐼 is determined from the 

calculated interfacial concentration in the liquid (Eq. 28), as we assume that there is no resistance to mass 

transfer at the interface (𝑦 = 0). The value of the gas-phase mass-transfer coefficient, 𝑘𝐺, is calculated from 

system properties using the correlations developed by Onda et al.139 for random packing materials (or 

Hanley and Chen140 for structured packing) as outlined in the Sections S.4.2 and S.4.3 of the SI. The final 

boundary conditions at 𝑦 = 𝛿 require that all concentrations in the liquid film equal those in the bulk 

solution. 
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To address the uncertainty in capture species properties and to simplify the numerical solution to this 

boundary value problem, we elect to non-dimensionalize the preceding framework. As was mentioned in 

Section 2.2, direct eCCC is a nascent concept and thus detailed analyses of archetypal species are scant. 

Consequently, important parameters such as 𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 and capture species diffusion coefficients (𝒟𝑅𝑛− and 

𝒟𝑅(𝐶𝑂2)𝑛−) remain unknown, but the impact of their relative scales can be understood through dimensional 

analysis. While these variables are unknown in the context of eCCC, their magnitudes can be estimated 

through a compilation of similar molecules in adjacent electrochemical systems (e.g., redox flow batteries 

(RFBs)). Consequently, we choose to define a key dimensionless group, the Damköhler number 

(𝐷𝑎 =
(𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡)𝛿

2[Rtot]

𝒟𝑅𝑛−
), that relates the chemical reaction rate to the rate of transport in the solution. To 

simplify the analysis further, we also assume that 𝒟𝑅𝑛− = 𝒟𝑅(𝐶𝑂2)𝑛−; however, it is likely that once CO2 is 

bound to the capture species, the diffusion coefficient will be lowered, reducing the rate of transport. 

Additionally, we can calculate the value of the boundary layer thickness, 𝛿 (m), from the liquid-phase mass 

transfer coefficient, 𝑘𝐿 (m s-1), via 𝑘𝐿 =
𝒟𝐶𝑂2,𝑙

𝛿
, where 𝑘𝐿 can be determined from the Onda139 and/or 

Hanley/Chen140 correlations shown in Sections S.4.2 and S.4.3 of the SI.98 The final dimensionless 

differential equations used in the model for all three species are derived in Section S.5 of the SI. 

Indirect Capture Two-Film Model 

For the indirect capture process, we consider several different reactions that must be accounted for in 

the liquid electrolyte. According to Eq. 11 – 15, there are 5 possible reactions/equilibria that occur in the 

absorber: 

𝑟1,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 = −𝑘1,𝑓,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡[CO2][OH−]   (35) 

𝑟2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 = −𝑘2,𝑓,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 ([HCO3
−] −

[H+][CO3
2−]

𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡[𝐶0]
)  (36) 

𝑟𝑤 = 𝑘𝑤,𝑓 (
[H+][OH−]

𝐾𝑤[𝐶0]
2 )    (37) 
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𝑟𝑄,1 = −𝑘𝑄,1,𝑓 ([QH2] −
[H+][QH−]

𝐾𝑎,1[𝐶0]
)    (38) 

𝑟𝑄,2 = −𝑘𝑄,2,𝑓 ([QH−] −
[H+][Q2−]

𝐾𝑎,2[𝐶0]
)    (39) 

where each of the reaction rates (𝑟 (kmol m-3 s-1)) are related to the rate constants (𝑘1,𝑓,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡, 𝑘2,𝑓,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡 , 

𝑘𝑤,𝑓, 𝑘𝑄,1,𝑓, and 𝑘𝑄,2,𝑓) via their studied rate laws. Eq. 35 – Eq. 39 are all written in terms of their forward 

rate constants and the equilibrium expressions. In the indirect eCCC column, we assume that only the out-

of-equilibrium reaction is that described by Eq. 35. Given the larger number of species in solution, 

additional equilibrium expressions to consider (𝐾𝑤, 𝐾2,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡, 𝐾𝑎,1, and 𝐾𝑎,2), and the presence of counter 

ions that are involved in the equilibrium expressions (i.e., protons), a slightly different set of expressions 

are developed as compared to those for the direct eCCC. 

As with the direct eCCC process, we can write a system of differential equations for all 8 species; 

however, because there are 4 equilibrium expressions, we only need to solve 4 differential equations. The 

relevant differential equations for the indirect capture reactions are outlined in the Eq. S13 – Eq. S20 in the 

SI. Like the direct capture process, we can extract the CO2 reaction term and differential equation by 

combining Eq. 13 and Eq. 35: 

𝑟𝐶𝑂2 = −𝒟𝐶𝑂2
𝑑2[CO2]

𝑑𝑦2
= −𝑘1,𝑓,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡[CO2][OH−]  (40) 

A key difference between the direct and indirect capture processes stems from the availability of a TA 

balance or charge balance. Employing this balance along with a DIC balance and a reduced mediator species 

balance results in the following three differential equations that, when coupled with the equilibrium 

expressions and the CO2 reaction term above, can be solved for all species concentration profiles in the 

boundary layer. 

−𝒟𝐻𝐶𝑂3−
𝑑2[HCO3

−]

𝑑𝑦2
− 2𝒟𝐶𝑂32−

𝑑2[CO3
2−]

𝑑𝑦2
− 𝒟𝑂𝐻−

𝑑2[OH−]

𝑑𝑦2
− 2𝒟𝑄2−

𝑑2[Q2−]

𝑑𝑦2
− 𝒟𝑄𝐻−

𝑑2[QH−]

𝑑𝑦2
+𝒟𝐻+

𝑑2[H+]

𝑑𝑦2
= 0     (41) 
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−𝒟𝐶𝑂2
𝑑2[CO2]

𝑑𝑦2
−𝒟𝐻𝐶𝑂3−

𝑑2[HCO3
−]

𝑑𝑦2
−𝒟𝐶𝑂32−

𝑑2[CO3
2−]

𝑑𝑦2
= 0             (42) 

−𝒟𝑄𝐻2
𝑑2[QH2]

𝑑𝑦2
−𝒟𝑄𝐻−

𝑑2[QH−]

𝑑𝑦2
−𝒟𝑄2−

𝑑2[Q2−]

𝑑𝑦2
= 0             (43) 

Employing these expressions allows us to balance charge in the system while minimizing the number of 

forward rate constants required to perform the calculations. The full derivation of these differential 

equations and further non-dimensionalization for use in a numerical solver are described in Section S.6 of 

the SI. 

Numerical Solutions 

For the entirety of this model, we used MATLAB® R2023a on a Dell Latitude 7300 laptop computer 

with an Intel® CoreTM i7-8665U processor (quad core, 1.90 GHz) and 16 GB of random-access memory. 

With each iteration over the height of the absorption column, the two-film model is simultaneously solved 

to determine the flux of CO2 across the gas-liquid interface and into the bulk liquid. Each of these sets of 

differential equations are solved within the absorption column DAE using either MATLAB’s bvp4c function 

(direct capture process) or a central, second-order finite differencing scheme (indirect capture process). 

While the direct capture process produced the same results using bvp4c as were achieved using a finite 

differencing scheme, we chose to utilize the simple transition to bvp4c to reduce the computation time. 

Given the interdependence and number of differential expressions within the indirect eCCC model (Eq. 40 

– Eq. 43), input into the MATLAB function bvp4c would require a reformulation of the equations and thus 

was not pursued at this time. The direct and indirect capture baseline models solve for the column size in 

31.08 s and 34.93 s, respectively. 

4. Results and Discussion 

Given the similar CO2 capture targets expected of electrochemical and thermochemical systems, we 

aim to directly compare absorption column sizes to assess if eCCC can either exploit smaller columns or 

eventually act as retrofitted replacements to existing amine platforms. Accordingly, using the outlined 
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framework and inlet flue gas concentrations obtained from a studied amine-capture pilot plant facility, we 

calculate the required size of an eCCC absorption column to achieve the same capture efficiency. We first 

validate the model using well-studied thermochemical systems (Section 4.1), then using a pilot plant from 

the validation section, we investigate the column sizes that would enable the direct (Section 4.2) and 

indirect (Section 4.3) eCCC processes to remove the same amount of CO2 from the same flue gas stream. 

Lastly, we investigate the impact that select molecular properties and operating conditions have on the 

column volume and assess the feasibility of designing eCCC absorbers that are comparable in size or 

smaller than those in current amine-based systems (Section 4.5). 

4.1. Model Validation 

To assess the accuracy of our model, we use data collected from experimental and pilot plant studies 

performed for CO2 capture via MEA sorbents. Unlike eCCC, capture via amine-based absorbents is well-

studied, with physical properties, reaction rates, and experimental conditions widely available. While the 

absorption mechanism is like that of direct eCCC (i.e., the amine binds with CO2 directly), the overall 

reaction between MEA and CO2 is represented as follows: 

2RNH2 + CO2
𝑘1,𝑓,𝑀𝐸𝐴
→     RNHCOO− + RNH3

+            (44)  

where “R” for MEA represents CH2CH2OH and 𝑘1,𝑓,𝑀𝐸𝐴 (m3 kmol-1 s-1) is the forward, second-order rate 

constant for the amine capture. 

For this validation, we choose to only investigate MEA-based systems (rather than other alkanolamine 

systems) because the reaction kinetics are second-order with respect to MEA and CO2, which aligns with 

our assumption for the direct eCCC reaction kinetics.26,94,95 Various correlations between 𝑘1,𝑓,𝑀𝐸𝐴 and 

temperature have been reported across the peer-reviewed literature,94,95,142 but for validation, we choose to 

follow the Versteeg kinetic expression (Table S2 in the SI).95 To incorporate 𝑘1,𝑓,𝑀𝐸𝐴 into the absorption 

column model, we calculate the 𝐷𝑎 from this rate constant, the liquid-phase mass transfer coefficient (kL, 
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as described in Section S.4.2 and Section S.4.3 in the SI), the species concentration, and the diffusion 

coefficient of MEA in water. For the MEA system, because we are assuming an irreversible reaction at a 

large equilibrium constant,26,94,95 the formation of two, stoichiometrically equivalent molecular species does 

not require any additional expressions in the thermochemical absorber model. However, we do alter the 

stoichiometric coefficients in accordance with the overall reaction. 

Additional liquid properties (i.e., the diffusivity of CO2 (𝒟𝐶𝑂2,𝐿), diffusivity of MEA (equivalent to 𝒟𝑅,𝐿 

from eCCC), viscosity (𝜇𝐿), density (𝜌𝐿), molecular weight (𝑀𝐿), surface tension (𝜎𝐿), and Henry’s constant 

for CO2 (𝐻𝐶𝑂2)) were estimated via a combination of established correlations and reported data in prior 

literature. The values/correlations selected are detailed in Table S2 in the SI. Because the flue gas inlet is 

maintained across the thermochemical and electrochemical systems, the gas stream properties are all the 

same and are identified in Table S4 in the SI. 

To initially assess the ability for our model to accurately determine the column inlet / outlet gas and 

liquid compositions, as well as predict concentration profiles, we use model results from De Leye and 

Froment117 where all species compositions (i.e., solution-phase reactant concentrations, solution-phase 

product concentrations, and gas-phase CO2 partial pressures) were reported along the column length, 

enabling full model validation. The findings from this validation are shown in Figure 3Error! Reference 

source not found.a. In the middle of the column, it appears as though our model underpredicts the partial 

pressure of CO2 in the gas phase (suggesting a faster rate of CO2 absorption in our model), however, this 

apparent discrepancy may be attributed to two key differences: 1) we assume that the volumetric flow rate 

of the solution through the column remains constant while De Leye and Froment allow this to vary and 2) 

we fully model the kinetic relationships in solution rather than using enhancement factors and Hatta 

numbers to calculate CO2 flux across phases.117 Specifically, we observe that our assumption regarding a 

constant volumetric flow rate of the solution through the column leads to concentrations of RNH2 and the 

two product species at the bottom of the column that are slightly greater than those reported by De Leye 
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and Froment ([RNH2] = 0.455 M and [RNHCOO−] = 0.882 M in our model while [RNH2] = 0.435 M and 

[RNHCOO−] = 0.852 M in De Leye and Froment). When this assumption is relaxed and flow rates are 

allowed to vary, our model generates outputs of [RNH2] = 0.438 M and [RNHCOO−] = 0.850 M, which 

are near-identical to those reported previously, explaining the difference in concentrations along the column 

length. While not validated explicitly, it is still possible that the final, small difference in composition may 

be attributed to the kinetic formulation/correlations selected. 

To quantitatively assess the validity of the concentration profiles predicted in our model, we use the R2 

metric (Eq. 4.2). 

𝑅2 = 1 −
𝑆𝑆𝑅

𝑆𝑆𝑇
= 1 −

∑ (𝑦𝐶𝑂2,𝑧,lit−𝑦𝐶𝑂2,𝑧,pred.)
2

𝑧

∑ (𝑦𝐶𝑂2,𝑧,lit−�̅�𝐶𝑂2,lit)
2

𝑧

        (4.2) 

Where SSR is the sum of square residuals, SST is the total sum of squares, 𝑦𝐶𝑂2,𝑧,lit is the mole fraction of 

CO2 in the gas stream at height z reported in literature, �̅�𝐶𝑂2,lit is the column averaged mole fraction of CO2 

in the gas phase as reported in literature, and 𝑦𝐶𝑂2,𝑧,pred. is the mole fraction of gaseous CO2 predicted in 

our model at the same column height as that reported in literature. The R2 value for the model fit to the De 

Leye and Froment CO2 partial pressure profile is 0.97, suggesting reasonable agreement. Furthermore, the 

height reported in this prior model was 11 m while our model predicts a height of 9.1 m, a 17.3% error. A 

potential cause of these differences is discussed below. 

While De Leye and Froment offer a reasonable validation framework for tracking species 

concentrations in the liquid phase, we further compare our model to four other experimental plant-, pilot-

plant-, and bench-scale MEA absorption columns. These columns include a pilot-plant-scale column 

reported by Dugas to separate CO2 from flue gas in a study at The University of Texas at Austin (Run 32),112 

an industrial-scale absorption column that reduced CO2 content from a natural gas stream (Run 106),113 a 

small-scale pilot plant reported by Tontiwachwuthikul et al. designed to monitor concentrations across the 

length of the column (Run T22),143 and a column used for bench-scale laboratory experiments reported by 
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DeMontigny et al. (Run 7).114 The experimental conditions for each of the studies are outlined in Table S5 

in the SI. Three of the columns (Runs 32, 106, and T22) contained random packing materials whereas the 

fourth (Run 7) contained structured packing. Experimentally determined concentration profiles along the 

column lengths are often less accessible, potentially due to the difficulty in monitoring column internals. 

As a result, sample data points may be limited to the inlet and outlet CO2 mole fractions in the gas phase. 

Nevertheless, in some instances, these experimental studies have been supported by first-principles models, 

which can predict actual column performance that aligns with available experimental information.96,144,145 

Combining the reported experimental and modeling data (when available), we validated the accuracy 

of our model in calculating column heights and concentration profiles. We find that the predicted error in 

heights vary widely, with the most accurate underestimating the height by only 2.12% (Run 32) while the 

least accurate overestimated the height by 36.6% (Run 7) (Figure 3b). Although this error may seem large, 

we observed that the column height is highly sensitive to capture fractions exceeding 99%, as changing the 

value by tenths of a percent above this threshold significantly altered the final estimated height. This 

phenomenon arises from the inherent challenge of separating such small concentrations of CO2 at elevated 

capture fractions. Further, the introduction of computational error at the low CO2 partial pressures measured 

at the top of the column is likely to complicate the height prediction. To support these assertions, we note 

that three out of the four columns studied reported capture fractions >99% (i.e., Run 106, Run T22, and 

Run 7 were reported to achieve capture fractions of 99.92%, 99.99% and ~100%, respectively). In Figure 

3b, we note that each of the heights calculated for these scenarios deviate significantly from their reported 

values (i.e., relative errors ≥ 9.9%); however, when we lower the percent captured from ~100% (99.9999%) 

to 99.99% for Run 7, the error in the height changes from an overestimate of 36.61% to an underestimate 

of 8.11%, exemplifying the extreme sensitivity to high capture fractions. The column used in Run 7 was 

also a relatively small, experimental apparatus (2.16 m in height), thus the error in the height calculation 

may be exacerbated by small changes in height. Taken together, the effects of high capture fractions and 

short columns suggest that the relative errors are likely not indicative of model inaccuracy. 
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Next, we assess the R2 values for our model as compared to the experimental columns. There are two 

possible R2 values that can be utilized. The first aligns with that which was previously calculated, where 

we compare the gaseous CO2 concentrations between our model and the prior models reported in literature. 

This method allows us to have many data points upon which R2 can be evaluated. The second method to 

calculate R2 comes from comparing our model results to any experimental data points. A key limitation of 

this method is that in some experiments (i.e., Run 32 and Run 106), there are only two available data 

points—one at the inlet and one at the outlet of the gas stream in the column. In these cases, if our model 

underpredicts the height, we cannot compare the CO2 concentrations exactly at the “outlet” of the 

experimental column. Thus, for the purposes of determining the model accuracy against experimental 

reports, we permit our model to report CO2 concentrations beyond the desired capture fraction (i.e., our 

model captures more CO2 than the experiment) such that the exact CO2 concentration at the height of the 

experimental column can be estimated. The resulting R2 values from both methods are outlined in Figure 

3c, where the darker color bars signify the R2 values for any available model comparisons, while the lighter 

colors signify R2 values for any available experimental comparisons. The R2 values for the model 

comparisons range from 0.90 to 0.99, while the R2 values for experimental comparisons range from 0.86 to 

0.99. Available models for Run 32 investigate column temperature profiles25,118,124 or perform dynamic 

analyses,118,146 but, to the best of our knowledge, no relevant profiles for CO2 concentration in the gas stream 

were reported. While Afkhamipour et al. do model the CO2 concentration profiles for Run 32, they use the 

total column height (including sections without packing) while we only investigate the 6.1 m of packed 

materials to ensure mass transfer coefficients apply across the entire domain simulated.96 For the runs with 

several experimental data points taken from inside of the column (i.e., Runs T22 and 7), we observe that 

the R2 values differ slightly between the model and experimental comparisons, as Run T22 achieves R2 = 

0.904 in the model comparisons and R2 = 0.858 for experimental comparisons, whereas Run 7 achieves R2 

= 0.914 in the model comparisons and R2 = 0.957 in the experimental comparisons. The substantial 

disparities in the R2 values for Run T22 suggest that our model aligns well with other reactive absorption 

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2 ORCID: https://orcid.org/0000-0001-8453-4701 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2
https://orcid.org/0000-0001-8453-4701
https://creativecommons.org/licenses/by-nc-nd/4.0/


36 

 

models of randomly packed columns, but when compared to the experimental data, the accuracy of the fit 

diminishes. The deviations between our model and experimental data may be due to the constant 

temperature assumption, as exothermic reactions, heat transfer between phases, and heat loss along the 

column walls can change the operating temperature, affecting the rate of reaction and, consequently, the 

CO2 profiles.38 However, given the high R2 values generated, such effects are unlikely to impact the general 

findings and trends reported here. To generally quantify the magnitude of the error introduced by assuming 

isothermal operation, we used available temperature profiles along the length of the column in Run 32 to 

evaluate the predicted column height if the temperature were set at the minimum (41.3 °C) or maximum 

(64.3 °C) values. At 41.3 °C, the calculated column height is 6.36 m, while at 64.3 °C, the column height 

is lowered to 5.23 m. The column is shorter at elevated temperatures due to the faster CO2 uptake reaction 

rates. Given that the experimental column height is 6.1 m, by assuming isothermal operation it is possible 

that our model can overestimate the height by 4.3% or underestimate it by 14.26%. These set the upper 

bounds on the error introduced due to temperatures in Run 32, but it is likely that similar trends will result 

across other thermochemical columns. 

On the contrary, while Run 7 also exhibits slightly different R2 values between experimental and 

modeling data, a comparison of the CO2 gas phase concentration profiles from our model and the profiles 

reported in literature shows that our results fall in between prior experimental and modeling data points 

(Figure S3d in the SI). The high R2 values observed for the four columns coupled with the strong qualitative 

agreement observed in Figure S3 in the SI evince reasonable alignment between our model and prior 

literature, suggesting that we are capturing absorption column dynamics to a reasonable degree and this 

framework can be useful for exploring eCCC. 

In addition to height validation, it is also possible to compare calculated mass transport coefficients in 

the liquid and gas phases of the column. A discussion of this validation step is expanded on in Section S.8. 

of the SI, and Figures S4 and S5 display comparisons between the values computed in our model and those 
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in the experimental columns. We observe that, generally, the values we compute for mass transfer 

coefficients in both phases are comparable to those calculated in prior works. 

 

Figure 3. (a) Concentration validation against the prior model reported in De Leye and Froment, where the 

bottom of the column is set to 0 m.117 The dashed lines represent reported values for the column while the 

solid lines represent results from our model. (b) Percent error in the absorption column height predictions, 

the numbers above and below the bars represent column heights (m) predicted in this work (dark color) and 

reported from experimental studies (light colors). (c) R2 values from modeling performed in this work vs. 

both the models previously developed (dark columns) and any experimental data collected (light columns) 

to investigate the relative extents of agreement. 
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While using the reported MEA physical fluid properties (i.e., diffusion coefficients, viscosities, 

densities, temperature, total pressure, etc.) results in sufficient model validation, we also conducted a brief 

sensitivity analysis to explore the effects of varying these properties on column height estimates. Given that 

these properties are not yet well-defined for the electrochemistries intended for carbon capture, it is 

important to understand their impact on our model. The changes in the calculated column height that result 

from changing these species properties by ±10% are presented in Figure S6 in the SI for Run 32 (the study 

with the most accurate column height). At most, we observe that the height changes by only ±5.8%, 

suggesting that for the electrochemical systems modeled in this work, minor sizing errors may result even 

if we apply reasonable property estimates based on the expected solvents and active species. 

For all further comparisons presented in this work, we use the pilot plant described by Dugas (Run 

32).112 We selected this as our model system because the experimental results from this pilot plant are 

extensively referenced across thermochemical capture literature8,37,124,145–150 and our model most accurately 

predicts the column height while maintaining strong agreement with reported experimental data points. The 

lower, yet more common, 95% capture fraction likely enables accurate column sizing while also allowing 

us to align our model with traditional PCC capture fraction goals.20 

Beyond the height, we must ensure that our model can accurately calculate the column diameter used 

in the experiment. As discussed in Section 3.1, the diameter is dependent on the liquid and gas stream flow 

rates, fluid properties (i.e., stream densities, viscosities, molecular weights, etc.), packing properties, and 

flooding fraction. The flooding fraction for Run 32 was not reported in the original work by Dugas,112 thus 

we use the known diameter for the study to back-calculate the flooding fraction via Equation 23. At the 

reported conditions and with a column diameter of 0.427 m, we estimate the flooding fraction as 0.27. 

While this value falls below the typical range for absorption columns (0.5 to 0.7)98,151 and may limit the 

unit efficiency, operation is still feasible.151 It is also possible that the flue gas flow rate in the experimental 

studies was difficult to measure and, thus, potentially inaccurate, as reported by Kvamsdal and Rochelle 
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and by Faramarzi et al. in previous works.124,145 Consequently, this may skew the flooding factor calculation, 

but, for consistency, we use the unadjusted, experimentally reported flow rates as was done in prior 

investigations of this absorption column. In all, this results in a thermochemical baseline scenario with a 

packing volume of 0.87 m3 that is used to compare against the eCCC processes reported in this work. 

4.2. Direct Capture Trends in Absorption Column Sizing 

Given that direct eCCC is an emerging yet rapidly developing field, our objective is to use the 

absorption column model to help inform pathways towards achieving similar, if not smaller, unit sizes to 

those required for thermochemical processes. We use the packing volume as the metric of comparison, as 

this scales most directly with equipment costs.123 To estimate the range of possible direct eCCC column 

sizes, we have identified several molecular properties and operating conditions that are still uncertain and 

if tuned to specific values, could lead to competitive column performance. Specifically, we vary 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡, 

𝐷𝑎, [Rtot], ∆𝑥𝑎, and 𝐿/𝑉. In addition to these five inputs, we separately investigate the impact of the capture 

fraction (𝛼) on the final absorption column volume. While the thermochemical pilot-plant baseline (Run 

32) was operated at 𝛼 = 95%, it is likely that this value will ultimately be optimized to improve plant 

economics. We first perform a sensitivity analysis on each of the individual parameters to identify which of 

them have the greatest impact on the absorption column volume. To do this, we select the baseline values 

and ranges of variation for all parameters according to properties and operating conditions reported for 

model capture species (i.e., quinones) that have been studied as direct eCCC molecules. 

Binding Coefficient (𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡) 

𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 has been studied extensively in the growing eCCC field. The range observed for various 

model quinones in several different solvents spans ln 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 2.53 to ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 45.82.67 Across 

the compiled quinones from Zito et al., 67 the median value is ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 13.12, which we select as 
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our baseline and alter by ± 50% in the preliminary sensitivity study. 

Damköhler Number (𝐷𝑎) 

The values used for the dimensionless reaction rate constant, 𝐷𝑎, were chosen based on the reaction 

rate constant data available in the peer-reviewed literature for similar solutions (i.e., quinones dissolved 

in PC-based electrolytes). Simpson and Durand reported the lowest second-order rate constant for CO2 

absorption via BQ in PC at 46 M-1 s-1 while the highest reported value was for CO2 absorption by AQ 

in PC at 350 M-1 s-1.62 As discussed earlier, these rate constants apply to the reaction between CO2 and 

the semiquinone, and thus may underestimate the reaction rate between the dianion and CO2. Despite 

this, Xu et al. recently reported a strong, direct correlation between the binding coefficient (𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡) 

and the rate of CO2 uptake.152 Given this and knowledge that BQ and AQ have high binding coefficients 

(ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 38.91 and ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 27.17, respectively), it is possible that these reported rate 

constants are relatively fast for reactions between semiquinones and CO2. This large uncertainty in 

reaction rate constants led us to select a conservative range of 𝐷𝑎 values with a baseline set at 𝐷𝑎 = 

100 (or log𝐷𝑎 = 2). This combined with a species diffusion coefficient of 4.2 × 10-10 m2 s-1 results in 

a calculated rate constant of 40.1 M-1 s-1, similar to the lowest rate constant reported by Simpson and 

Durand.62 From this baseline, we alter the log𝐷𝑎 by ± 50% (from log𝐷𝑎 = 1 to log𝐷𝑎 = 3), which 

results in rate constants ranging from 7.1 to 705.5 M-1 s-1. 

Capture Species Concentration ([Rtot]) 

The values of [Rtot] were selected based on a combination of solubility data from reported quinone 

species as well as targets established for other nonaqueous electrochemical systems such as RFBs.153 

While solubility data for quinones used in carbon capture applications are not widely available, 

Diederichsen  et al. reported liquid quinones with concentrations > 1.1 M when mixed with low 

volatility glymes.81 Additionally, researchers have reported quinone derivatives for use in both aqueous 
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and nonaqueous RFBs, in some cases, realizing solubilities of > 1 M in nonaqueous solvents like DMSO 

and ACN.154–158 Consequently, we set the baseline [Rtot] to 1 M and vary it by ± 50%. 

State-of-Charge Swing (∆𝑥𝑎) 

The ∆𝑥𝑎 was selected based on knowledge from other electrochemical systems (i.e., lithium-ion 

batteries and RFBs), where operation from 0 to 100% state-of-charge (∆𝑥𝑎 = 1) is often associated 

with increased capacity fade rates due to extended time spent under extreme conditions.159,160 We chose 

to set ∆𝑥𝑎 = 0.5 (i.e., operate from 25 to 75% state-of-charge) as a baseline and vary it by ± 50%. This 

approach has also been taken in prior studies of direct eCCC.50 By varying ∆𝑥𝑎 by ± 50%, this sets the 

upper and lower bounds of the SoC swing to ∆𝑥𝑎 = 0.25 and ∆𝑥𝑎 = 0.75. When ∆𝑥𝑎 = 0.25, the state-

of-charge ranges from 37.5 to 62.5%, and when ∆𝑥𝑎 = 0.75, the state-of-charge ranges from 12.5 to 

87.5%. In each scenario, the state-of-charge oscillates about 50%. 

Ratio of the Liquid to the Gas Mass Flow Rates (𝐿/𝑉) 

To set the 𝐿/𝑉 baseline, we first determined that the MEA-based absorption system (Run 32) was 

run at an 𝐿/𝑉 value of 6.4; however, these processes often do not operate at large 𝐿/𝑉 values because 

of the increased energy requirements for the stripping unit.111,161,162 Rather than bias our study by 

selecting values used in thermochemical systems, we were able to use acceptable ranges for FLV 

reported across literature (Section 3.1) as well as system relevant flue gas and liquid stream densities 

to estimate that the column could operate from 𝐿/𝑉 = 0.16 to 𝐿/𝑉 = 94. While it is possible that higher 

flow rates may also lead to increased energetic requirements in eCCC, we chose to vary 𝐿/𝑉 over 

roughly half of this acceptable range such that the baseline was set at 𝐿/𝑉 = 50 and varied by ± 25. 

Capture Fraction (𝛼) 

Finally, the capture fraction, 𝛼, was reported at 0.95 for the experimental study;96,112 however, we 

vary this value between 0.91 and 0.99 capture to observe its impact on column size. While this variance 

is small compared to that of the other parameters, as mentioned earlier, optimal capture often occurs at 
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capture fractions > 0.90. Thus, operating within this confined range allows us to assess the probable 

operating conditions of such systems.19,20 

Each of the above parameters, their baseline value, investigated ranges, and sources are listed in Table 2. 

Table 2. Outline of the variations on relevant parameters in the sensitivity study on direct eCCC. 

Metric Baseline Variation Sources 

ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 (–) 13.12 ± 6.56 Zito et al.163 

log𝐷𝑎 (–) 2 ± 1 Mizen and Wrighton90; Simpson and 

Durand62; Xu et al.152 

[Rtot] (kmol m-3) 1 ± 0.5 Diederichsen et al.81; Pahlevaninezhad et 

al.154 

∆𝑥𝑎 (–) 0.5 ± 0.25 Clarke et al.50; Wikner and Thiringer159; 

Roe et al.160 

𝐿/𝑉 (–) 50 ± 25 Seader, Henley, and Roper98 

𝛼 (–) 0.95 ± 0.04 Dugas112; David et al.19; Rao et al.20 

Given these ranges of interest, we first elect to vary each parameter individually, holding all others 

constant, to create a tornado plot of resulting absorber volumes (Figure 4a). While the column volume 

observed at the baseline condition (1.37 m3) is larger than the thermochemical column volume (0.87 m3), 

altering the input variables can reduce the required column size. We find that ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 has the greatest 

impact on increasing the absorption column volume because, at sufficiently low binding coefficients (i.e., 

ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡= 6.56 for this analysis), the capture species can no longer bind enough CO2 to achieve the 

baseline capture fraction (𝛼 = 0.95), resulting in an infinitely-large column. Alternatively, the 𝐷𝑎 has a 

significant impact on both increasing and decreasing the column volume. This is because at higher rates of 

reaction relative to the rates of mass transfer in the film (i.e., higher 𝐷𝑎 values), the column can be much 

shorter due to lower residence time requirements. Furthermore, we observe that despite the small range 

studied, the operating capture fraction (𝛼) can substantially change the absorber volume evincing the need 

for a full techno-economic assessment to determine optimal capture fraction, which is beyond the scope of 

this work. Lastly, ∆𝑥𝑎, 𝐿/𝑉, and [Rtot] all exert a lesser influence on the absorption column volume, but 

they remain viable tuning parameters for future studies. 
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In Section 2.2, we discussed model assumptions which were necessary to achieve desired capture 

fractions in the direct capture process. Specifically, we noted the possibility of assuming either chemical 

equilibrium (𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡) or CO2 phase equilibrium at the liquid outlet stream of the absorption column – two 

extremes that may arise depending on the CO2 reaction and mass transfer rates. To validate these 

assumptions and quantify the effects that selecting one or the other would have on the final absorption 

column volume, we re-ran the sensitivity study from Figure 4a and compared the column heights that 

would result from assuming 1) chemical equilibrium or 2) phase equilibrium at the liquid outlet of the 

absorber. The results of this analysis, which appear in Figure S7a, reveal that the predicted absorption 

column heights deviate by ≤ 1.38% between the two sets of assumptions, indicating that the error is quite 

small. The largest errors are found in the ∆𝑥𝑎 and 𝐷𝑎 sensitivity studies, specifically when these parameters 

are set to their lower bounds. We hypothesize that this phenomenon occurs at low values of 𝐷𝑎 because if 

we assume that the equilibrium constant, 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡, applies, this implies that the reaction between the capture 

species and CO2 occurs instantaneously, which inherently contradicts the conditions suggested by a low 

𝐷𝑎. Consequently, we maintain that, at high 𝐷𝑎 numbers (𝐷𝑎 ≥ 10, fast reaction), chemical equilibrium 

will apply, while at low 𝐷𝑎 numbers (slow reaction), phase equilibrium will apply. 

Next, we individually investigate the trends in absorption column size associated with the full range of 

possible conditions for each of the parameters. Rather than limit the values studied to within a ~50% band 

of the baseline (or, in the case of the capture fraction, within a narrow band of expected values for optimal 

operation), we extend the study to the expected limits of each parameter. Thus, for the binding coefficient, 

we allow the lower limit of ln 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 to approach 0 while the upper limit was set to approach 15, as a 

number of molecules (i.e., benzoquinone, naphthoquinone, anthraquinone, duroquinone, 

phenanthrenequinone, etc.) are capable of achieving ln 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 ≫ 15.67 We still investigate the effects of 

high binding coefficients on the absorption column volume despite their tendency for increased oxygen 

sensitivity that results from cathodically-shifted reduction peaks.68 In Figure 4b, we initially observe a 
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marked reduction in column volume as the binding coefficient increases from the minimum viable value, 

but beyond intermediate values (ln 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 > 9), there are significantly diminishing reductions in column 

size. This suggests that while high binding coefficients may ensure that sufficient CO2 is separated and lead 

to high faradaic efficiencies,50 their benefit in reducing column size is limited. On the other extreme, 

however, if the binding coefficients are too small, the column size increases rapidly and approaches a regime 

where it is not possible to capture the desired quantity of CO2. For example, if we consider a previously-

studied direct eCCC molecule (i.e., tetrachloro-benzoquinone (TCBQ) dissolved in ACN), the binding 

coefficient is not large enough (ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡= 5.76) to capture 95% of the CO2 in this selected system.89 

However, if other previously investigated molecules with higher binding coefficients such as tetrafluoro-

1,4-benzoquinone (ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 9.90 in DMF), tetrabromo-1,4-benzoquinone (ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 7.60 in 

DMF), 5-hydroxy-naphthoquinone (ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 7.60 in ACN), or 2,6-dichloro-1,4-benzoquinone 

(ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 13.82 in ACN) were used in this system, it would be possible to successfully remove the 

desired amount of CO2.67 

An important observation in Figure 4b is also related to the trend in capture species concentration 

([Rtot]) and its impact on the absorption column volume at low binding coefficient values. At low 

concentrations (0.46 M), the minimum achievable binding coefficient is ca. ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 7.5, but, at high 

concentrations (4 M), this minimum reduces to ln 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 = 6.4 – an order of magnitude reduction. The 

impact of solubility is thus exacerbated if the capture molecule has a relatively low binding constant. This 

can be exemplified by further contemplation of TCBQ, which exhibits a binding constant of ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 =

6.84 in 2 M ethanol and dimethylformamide (DMF),80 slightly larger than its binding constant in ACN. At 

this binding constant, according to Figure 4b, the capture molecule must have a solubility of at least 1.2 M 

to successfully remove the desired amount of CO2, reinforcing the importance of high solubilities. While 

the range of solubilities spans 0.46 M to 4 M in Figure 4b, we probed 10 concentration points spaced 

equally on a log scale between 0.25 and 4 M (0.25, 0.34, 0.46, 0.63, 0.86, 1.17, 1.59, 2.16, 2.94, and 4.00 
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M). Concentrations below 0.46 M are not shown on the figure because at these values, the system cannot 

capture enough CO2 regardless of the binding coefficient. It is further evident that at the baseline conditions, 

varying ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 and the species concentration cannot reduce the direct eCCC column size to below that 

of the comparable MEA capture column (0.87 m3). 

Unlike the binding coefficient, the column volume monotonically decreases with increasing 𝐷𝑎, 

reinforcing the impact that reaction rates have on the column size (Figure 4c). Given constant fluid flow 

rates, the column height depends on how long it takes to capture the desired amount of CO2. Increasing the 

𝐷𝑎 (and consequently the rate of reaction between CO2 and the sorbent species) can decrease the time scale 

for CO2 absorption, lowering the required residence time and enabling a smaller column. Furthermore, we 

observe that when 𝐷𝑎 > 300 and the concentration of the capture species is at least 4 M, it is possible for 

the direct eCCC absorption column to be the same size or smaller than the baseline MEA column. While a 

4 M capture species solution may be difficult to realize, our analysis indicates that at 𝐷𝑎 ≥ 103, lower 

concentrations of at least 0.86 M would enable a competitive column, thereby reducing the solubility 

requirements. To contextualize these results against previously-studied rate constants, we estimate that 𝐷𝑎 

numbers can range from 𝐷𝑎 = 8.5 for phenanthrenequinone in DMSO (𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 = 6.00 M-1 s-1) to 𝐷𝑎 = 

496.1 for anthraquinone in DMSO (𝑘1,𝑓,𝑑𝑖𝑟𝑒𝑐𝑡 = 350 M-1 s-1) (Table S3). If realized rate constants are at the 

upper end of these values, Figure 4c suggests that the absorption column for eCCC could become a drop-

in replacement for current amine capture systems when capture species solubilities are above 1.17 M. 

Accordingly, as molecular discovery and development continues in this field, we emphasize the need to 

study the CO2 uptake rates with both the semiquinone and the dianion in order to better quantify their rate 

constants. 

Additional trends that result from varying 𝛼, ∆𝑥𝑎, and 𝐿/𝑉 parameter values are included in Figure 

S8. First, the capture fraction (Figure S8a) follows expected trends whereby increases in 𝛼 lead to larger 

column sizes; however, we do not expect to operate at low capture fractions thus ultimately optimal capture 
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fractions must be determined from investigating the operating and capital cost trade-offs. We observe that 

both ∆𝑥𝑎 and 𝐿/𝑉 exhibit similar diminishing returns with increasing magnitude (Figures S8b andError! 

Reference source not found. S8c); however, we also note that when ∆𝑥𝑎 is above 0.85, the lowest 

concentration studied (0.25 M) can capture sufficient quantities of CO2. While this may enable the use of 

low solubility species, the selection of ∆𝑥𝑎 will also require additional optimization in coordination with 

the electrochemical reactor performance and associated energy costs. 

To this point, we have discussed the predicted absorption column sizes that would result from the 

conditions set in the model without regard for physical column design limitations. Textbooks recommend 

that the ratio of the height to the diameter should be between 1 and 30 and the height of the absorption 

column should not exceed 60 m to avoid wind load and foundation concerns.164 That said, the Dangote 

distillation column in Nigeria has a height of 112 m,165 suggesting that the design guidelines may be 

exceeded. The dashed, colored lines depicted in Figure 4b and c indicate operating regions that do not align 

with design guidance if a single column were to be used. Across most conditions studied, the direct capture 

process falls within the specification; however, at very low 𝐷𝑎, the height-to-diameter ratios rise above the 

upper limit. The slower reaction rates relative to the rate of mass transport lead to increases in the absorption 

column height; however, according to the reported reaction uptake rate constants, the 𝐷𝑎 numbers would 

ideally be much larger (i.e., 𝐷𝑎 ≫ 1), resulting in feasible sizes (Figure 4c, inset). Similar trends are 

observed in the other parameters studied for the direct capture process (Figure S8). We also note that the 

absorption columns considered here are for application at a pilot-scale plant, and thus their diameters and 

heights are more likely to meet the requirements due to smaller volumes of process gas to handle. As the 

process is scaled to larger systems (i.e., plant-scale applications), the diameter will likely expand to 

accommodate greater fluid flows, impacting the column height. In the future, studies of these column sizes 

should be performed for all proposed systems to assess manufacturing feasibility. 
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Figure 4. Impacts of material properties and operating conditions on the direct eCCC absorption column 

packing volume. (a) Tornado plot created from the sensitivity study on the parameters according to the 

conditions outlined in the text and Table 2. Light grey bars indicate the parameters are at their smallest 

value studied while the dark grey bars are at the largest studied value. (b) Impacts of 𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡 and (c) 𝐷𝑎 

on the required absorber packed volume across a range of concentrations (0.25, 0.34, 0.46, 0.63, 0.86, 1.17, 

1.59, 2.16, 2.94, and 4.00 M). Concentration increases are indicated by a color change from dark to light 

and emphasized by the labels in each plot. For each panel in (b) and (c), all other parameters are held 

constant at the baseline value while the single parameter is varied. The dashed blue lines represent 

absorption columns that are impractical to physically implement if a single column were desired. The 

dashed gray lines indicate the column size of the thermochemical baseline that is associated with a MEA-

based thermochemical unit that can capture the same amount of CO2 from an identical flue gas stream. 

4.3. Indirect Capture Trends in Absorption Column Sizing 

For the indirect capture process, we conducted the same sensitivity analysis as with the direct capture 

process; however, unlike the direct capture process, the reaction rates and equilibrium constants are fully 

defined in the indirect eCCC CO2 uptake step. Consequently, pKa1 and pKa2 are the primary molecular 

properties that can be tuned for the redox-active mediator species (Q). While, to a certain extent, these pKa 

values can be independently tailored through molecular design, the second acid dissociation constant (Ka2) 

must always be greater than or equal to the first acid dissociation constant (Ka1) because it will always be 

more difficult to remove protons from a species with a higher electronegativity. Consequently, as a first 

pass in the sensitivity study, we assume that pKa1 = pKa2. Like the direct capture process, we chose quinones 

as model redox mediator compounds to establish baseline pKa values. According to a compilation of 
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quinone data reported by Huynh et al., the average values for pKa1 and pKa2 of solubilized quinones are 

9.5 and 11.8, respectively.166 Given these averages, we set pKa1 = pKa2 = 11.8 as a baseline value in the 

study and vary by ± 41% (± 4.8). This range was selected to maintain the pKa within reasonable bounds, 

given that 7.2 is the lowest pKa1 value reported in the aforementioned publication.166 For each of the other 

operating conditions varied ([Q
tot
], ∆𝑥𝑎 𝐿/𝑉, and 𝛼), the sensitivity study was performed about the same 

baseline values and with the same deviations from the baseline as with the direct capture process. These 

input parameters are shown in Table 3. 

Table 3. Outline of the variations on relevant parameters in the sensitivity study on indirect eCCC. 

Metric Baseline Variation Citation 

pKa (–) 11.8 ± 4.8 Huynh et al.166 

[Q
tot
] (kmol m-3) 1 ± 0.5 Yang et al.157; Zhang et al.158 

∆𝑥𝑎(–) 0.5 ± 0.25 Clarke et al.50; Wikner and Thiringer159; 

Roe et al.160 

𝐿/𝑉 (–) 50 ± 25 Seader, Henley, and Roper98 

𝛼 (–) 0.95 ± 0.04 Dugas112; David et al.19; Rao et al.19,20 

 

To investigate the validity of assuming that either chemical (𝐾1,𝑖𝑛𝑑𝑖𝑟𝑒𝑐𝑡) or phase equilibrium apply at 

the indirect absorption column outlet, we performed the same analysis as in the direct capture process to 

quantify the error between assumptions (Figure S7b). For the indirect capture process, we find that the 

error between the methods has a near negligible impact on the final absorption column volume. The largest 

error occurs when evaluating ∆𝑥𝑎, but this is only an error of 0.26%. While, in principle, we could apply 

chemical or phase equilibrium at the outlet of the absorption column, for the remainder of this work, we 

assume phase equilibrium applies given the slower CO2 uptake reaction. 

The tornado plot in Figure 5a highlights the impact that varying material properties and operating 

conditions has on the absorber volume in an indirect eCCC process. First, we note that the baseline absorber 

packing volume is larger than that for the direct capture process (5.01 m3 vs. 1.37 m3, respectively), which 

is likely due to the lower CO2 fluxes entering the column caused by slower rates of reaction. At the baseline 
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conditions near the bottom of the column, the reaction rate with CO2 is ~8.7 × 10-3 mol L-1 s-1 in the direct 

capture process while this value drops to ~1.5 × 10-4 mol L-1 s-1 in the indirect capture process. We find that 

varying each of the parameters in the indirect eCCC process results in a wide range of absorber volumes – 

a much larger range than the direct eCCC process (Figure S9). For the input parameters that were altered 

in both eCCC processes (i.e., 𝛼, ∆𝑥𝑎, 𝐿/𝑉, and total redox-active species solubility), the most a single 

parameter affects the volume in direct eCCC is by 0.706 m3 for 𝛼, while varying 𝛼 in the indirect capture 

process increases the absorber volume by 2.6 m3. Each of the other variables (∆𝑥𝑎, 𝐿/𝑉, and total redox-

active species solubility) also lead to a larger volume change for the indirect column. We note that while 

the baseline conditions were selected using the best available knowledge, the stated observations and trends 

are strongly dependent on these baseline values for both processes. For instance, if the baseline value for 

log𝐷𝑎 in the direct capture process were lowered from 2 to 1, the CO2 uptake rate would be slower, 

necessitating a larger column size (2.15 m3 as opposed to 1.37 m3 from Figure 4a). This change in the 

baseline condition heightens the sensitivity of the column size to changes in the other input variables 

(Figure S10). For example, when we vary 𝛼 at a constant log𝐷𝑎 = 1, the column volume could increase 

by as much as 1.15 m3; however, when log𝐷𝑎 = 2, the volume range spans only 0.706 m3. Given this 

observation, it is possible that changing the baseline conditions could alter our finding that the indirect 

process has a greater sensitivity to each variable. 

Of the parameters varied, pKa has the greatest impact on column size; however, increasing its value 

cannot lead to conditions where the absorber volume is less than or equal to that reported for the baseline 

thermochemical system (Figure 5b). Despite this, at a given active species concentration, increasing both 

pKa1 and pKa2 to values ≥ 12 can significantly reduce the absorption column size, as predicted, and 

originally observed, in Figure 5a. At the elevated pKa values, we also see that concentration plays a 

significant role in enabling more competitive columns, as the volume drops from 2.83 to 1.02 m3 (a 64% 

reduction) when the concentration increases from 0.25 to 4 M at pKa = 16. Since ∆𝑥𝑎 also influences the 

amount of redox-active species available to alter the pH, we observe similar trends when increasing ∆𝑥𝑎, 
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as exhibited in Figure 5a and Figure S11b. We postulate three reasons why the concentration and state-of-

charge swing have greater effects on the absorber size in the indirect capture process, as compared to the 

direct capture process. First, as we previously discussed, the magnitude of the absorber volume change is 

dependent on the selected baseline conditions. Second, the indirect involvement of the redox species on the 

binding and release of CO2 in the pH-swing process can limit CO2 capture efficiencies. For every capture 

species reduced in the direct eCCC process, we expect that 1 or 2 molecules of CO2 (i.e., q) should be 

captured; however, this relationship in the indirect process is more ambiguous, as the reduction of the 

mediator species will result in a pH-swing that is dependent on the pKa values. Ultimately, the achievable 

pH then controls the rate of CO2 uptake in the absorption column according to Eq. 2.11a, suggesting a 

nonlinear effect on column sizing. Third, and finally, the incremental impact of concentration on column 

size evolves as the pKa is increased. As the pKa values increase to the point that the absorber size plateaus, 

an operating regime where most of the protons in solution can bind with available reduced quinones is 

achieved. Once this is realized, the relative importance of the mediator species concentration on further 

improving the column size increases. This contrasts with the direct eCCC process, as the capture species 

always directly impact the rate of CO2 uptake. 

Further effects of 𝛼, ∆𝑥𝑎, and 𝐿/𝑉 ratio on the column size are presented in Figure S11. These follow 

similar trends to the direct capture process; however, a key difference is the ability for lower mediator 

species concentrations (i.e., 0.25 M) to capture sufficient CO2 across the ranges studied. In the direct capture 

process, the maximum CO2 capacity is set by the concentration of the capture species in solution, thus low 

concentrations may not feasibly capture enough CO2 to achieve the desired capture fraction. However, in 

the indirect capture process, while low concentrations cannot achieve large pH swings and thus lead to 

larger columns, they can still successfully capture enough CO2. 

Unlike the direct capture process, the indirect capture process does not meet design guidelines (height-

to-diameter ratio between 1 and 30 and height less than 60 m) across many of the conditions studied (Figure 
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5b) due to the slower reaction rates. This suggests that even if the increased capital costs caused by larger 

column sizes do not impede the implementation of an indirect process for a 4–stage PCC application, the 

absorber size requirements may demand that two or more columns are installed. Specifically, the inset of 

Figure 5b highlights that when pKa1 = pKa2 values fall below 12, a single absorber is no longer viable for 

the modeled pilot plant; however, as the column size approaches that of the thermochemical system, (i.e., 

as pKa values increase), conditions become increasingly favorable for practical design. Similar trends are 

observed in the other parameters studied (Figure S11). 

To probe the effects that assuming pKa1 = pKa2 has on the column size, we chose to independently vary 

pKa1 and pKa2 over a range of relevant pKa values for quinone compounds (Figure 5c). The minimum 

values for pKa1 and pKa2 of solubilized quinones reported by Huynh et al. are 7.2 and 10, respectively, 

while the maximum reported value are 11.18 and 13, as evidenced by the gray triangles in Figure 5c.166 

While quinones are a good model chemistry, the reported dataset is only a subset of all possible quinone 

species that can be used in the pH-swing system. Additionally, there are other redox-active molecules 

capable of inducing the pH-swing mechanism such as alkoxides and phenoxides.167 These two 

aforementioned points suggest that there will likely be pKa values that fall outside of the initial range 

reported by Huynh et al., therefore, we chose to extend the ranges to pKa1 = 6–14 and pKa2 = 7–14 while 

maintaining the constraints that pKa1 < pKa2 and all other input parameters are held at their baseline values 

(i.e., [Q𝑡𝑜𝑡] = 1, ∆𝑥𝑎 = 0.5, 𝐿/𝑉 =50, and 𝛼 = 0.95). Figure 5c displays the contour plot of required 

absorption column volumes that result from varying the pKa values within these ranges. It is evident that 

at these conditions, the absorber size is most impacted by pKa2 across all pKa1 values, indicating that a 

sufficiently high pH (and thus CO2 uptake rate) can be achieved at the column inlet even if a single proton 

is taken up by Q (i.e., QH− is favored in its equilibrium with Q2−). If, however, the mediator species 

concentration is dropped to 0.25 M, we see that pKa1 has a larger effect on the column size because there 

are less mediator species available to bind protons (Figure S12). Specifically, in this lower concentration 

scenario, both proton uptake reactions (i.e., Eq. 14 and Eq. 15) are required to sufficiently swing the pH. 
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This is evinced by studying the pH of Stream 4 at the column inlet (Figure S13) as the pH associated with 

high (1 M) and low (0.25 M) mediator species concentrations is directly related to the absorber sizes 

reported in Figure 5a and Figure S12. As expected, the larger the pH, the smaller the unit. Additionally, 

when comparing the difference in pH at the same pKa values for the two concentrations, the pH is larger in 

the system with a higher concentration. This is attributed to the uptake of more protons across the system 

due to elevated concentrations of the mediator species, agreeing with our hypothesis. 

 
Figure 5. Impacts of material properties and operating conditions on the indirect eCCC absorption column 

packing volume. (a) Tornado plot created from the sensitivity study on the parameters according to the 

conditions outlined in the text and Table 3. Light grey bars indicate the parameters are at the smallest value 

studied while the dark grey bars are at the largest studied value. (b) Impacts of pKa on the required absorber 

packed volume across a range of concentrations (0.25, 0.34, 0.46, 0.63, 0.86, 1.17, 1.59, 2.16, 2.94, and 

4.00 M). Concentration increases are indicated by a change in color from dark to light and emphasized by 

the labels in each plot. All other parameters are held constant at their baseline values while the pKa and 

concentration are varied. The dashed red lines represent absorption columns that are impractical to 

implement if a single column were desired. The dashed gray lines indicate the column size of the 

thermochemical baseline that is associated with a MEA-based unit that can capture the same amount of 

CO2 from an identical flue gas stream. (c) Contour plot outlining the simultaneous impact that pKa1 and 

pKa2 have on the absorption column size. The gray triangles represent the pKa values associated with 

quinones as outlined in Huynh et al.166 while the gray circle represents the baseline condition studied in all 

prior analyses (pKa1 = pKa2 = 11.8). 
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4.4. Consideration of Relevant Operating Conditions 

As discussed, per the reported flow rates and absorption column diameters for the thermochemical 

baseline system, we determined that the pilot plant was experimentally operated at a flooding fraction of 

0.269. However, flooding fractions for absorption columns often fall between 0.5 and 0.8,98,123 suggesting 

that mass transport may not be optimized for the process studied. Accordingly, we relax the assumption that 

the column flooding fraction should equal that used in the thermochemical model by varying the flooding 

fraction from 0.05 to 0.8 (Figure S14Error! Reference source not found.). The eCCC column volumes 

that result decrease with increasing flooding fraction. While this does not enable direct comparisons with 

the experimentally studied thermochemical system, we can see that by increasing the fraction of flooding 

to relevant absorber ranges, the columns can be much smaller. This may ultimately allow a single column 

train to be used for more indirect capture conditions. 

In addition to varying the flooding fraction, it is also likely that these capture platforms will be used in 

alternative industrial applications (i.e., other fossil fuel plants, cement facilities, steel mills, etc.) with 

varying CO2 inlet concentrations. Specifically, as previously mentioned, flue gas streams can vary from 3 

to 30% CO2. If we allow the direct eCCC capture process to maintain the same operating conditions but 

simply vary the CO2 inlet concentration, we observe that the column diameter increases from 0.56 m at 3% 

CO2 to 0.65 m at 30% CO2. On the other hand, as the CO2 concentration increases, the driving force for 

mass transfer increases, causing the column height to decrease from 6.25 m to 3.69 m. Overall, these 

changes result in column volumes of 1.54 m3 and 1.22 m3 at 3 and 30% CO2, respectively, exemplifying 

the benefits that higher concentration flue gas streams can have on required capital investments. Similar 

trends are observed in the indirect capture process.  

4.5. Monte Carlo Investigation: Comparison to Absorber Sizes Reported in Literature 

Comparisons between eCCC absorption columns and thermochemical absorption columns are 

necessary when determining their potential as drop-in replacements or for ultimately achieving similar, if 
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not lower, capital costs. The large capital costs associated with thermochemical capture systems suggest 

that reducing the absorption column size in eCCC would benefit the economics substantially. Unfortunately, 

given the current baseline values studied above, neither the direct (1.37 m3) nor the indirect (5.01 m3) eCCC 

processes can achieve an absorption column that is smaller than that of the MEA-based capture system 

(0.87 m3). However, the baseline conditions represent a single data-point and the sensitivity studies were 

performed by changing a single input variable. Further insight can be derived from the column sizes that 

result from simultaneously varying all possible molecular properties and operating conditions for the direct 

and indirect eCCC processes. 

To probe the uncertainty in the molecular properties of either the capture or mediator species and the 

system operating conditions that will be employed at scale, we performed a Monte Carlo analysis to 

measure the range of absorber packing volumes that result from altering each of the input parameters over 

a predicted distribution of values. For each of the input parameters, a random sample of 1000 values was 

taken from a normal distribution with a mean equal to the baseline values in Table 2 and Table 3 and a 

relative standard deviation of 0.2 for ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡, log𝐷𝑎, [Rtot], [Qtot
], 𝐿/𝑉, and ∆𝑥𝑎. For pKa1 = pKa2 = 

pKa, the distribution maintained a mean still equal to the pKa baseline set in Table 3, but a standard 

deviation of 0.1 was selected to avoid unreasonably low/high pKa values. For this analysis, we set the 

capture fraction at 0.95 to ensure the same CO2 uptake as the thermochemical baseline. Sample distributions 

of log𝐷𝑎 and pKa are presented in Figure 6a and Figure 6d, respectively, while all other distributions for 

the other input variables are included in Figure S15 and Figure S17. 

For the direct capture process, we observe that it is possible for the column to achieve a packing volume 

less than or equal to the thermochemical baseline values under several of the conditions studied (Figure 

6b). We investigate this further by producing scatter plots of each variable input against the resulting 

absorption column size. These graphs facilitate the identification of correlations between input and output 

variables, helping to elucidate properties that are critical for achieving desired outcomes within a 
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multidimensional design space. In Figure 6c, we observe that the value of log𝐷𝑎 has a strong negative 

correlation with the column size – stronger than any of the other input parameters (Figure S16). This finding 

corroborates the prior sensitivity studies and indicates that if log𝐷𝑎 > 3 (i.e., 𝐷𝑎 > 103), the direct eCCC 

process may achieve competitive column sizes that approach or surpass those required for thermochemical 

processes. 

For the parameter ranges selected, there are no input combinations that result in an indirect capture 

process column size that is less than or equal to the thermochemical baseline (Figure 6e). The scatter plots 

suggest that altering the pKa has the greatest impact on unit size (Figure 6f and Figure S18); however, 

diminishing returns mean the thermochemical target cannot be met. Again, these results agree with the 

earlier sensitivity analyses. 

The strong correlations between the absorption column heights and the 𝐷𝑎 and pKa for the direct and 

indirect capture processes, respectively, not only agree with earlier findings in this work but also align with 

our expectations for efficient absorption column operation. Specifically, for both processes, varying these 

inputs is the most direct way to increase the reaction rate with CO2 (𝐷𝑎 is a proxy for the reaction rate 

constant while pKa can alter the reaction conditions through the pH regulation). Given the deviation from 

the mean at each 𝐷𝑎 and pKa value in the Monte Carlo analyses (Figure 6c and Figure 6f), once a molecule 

has been identified and its reaction rate constants quantified, further optimization within the studied 

parameters and operating conditions (i.e., [Rtot], [Qtot
], 𝐿/𝑉, ∆𝑥𝑎, and ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡) may, to a lesser degree, 

impact both the absorption column size and the energetic requirements of the system. 
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Figure 6. Monte Carlo simulation results for the direct capture process based on (a) normal distributions of 

input variables (log𝐷𝑎 is displayed here; ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡, [Rtot], 𝐿/𝑉, and ∆𝑥𝑎 are presented in Figure S15). 

(b) The resulting distribution of column sizes that result from 1000 random combinations of the direct eCCC 

input variables. (c) Scatter plot revealing a correlation between log𝐷𝑎 and the resulting absorber volumes 

in each of the simulation runs (log𝐷𝑎 is displayed here; ln𝐾1,𝑑𝑖𝑟𝑒𝑐𝑡, [Rtot], 𝐿/𝑉, and ∆𝑥𝑎 are presented in 

Figure S16). Monte Carlo simulation results for the indirect capture process based on (d) normal 

distributions of input variables (𝑝𝐾𝑎 is displayed here; [Q
tot
], 𝐿/𝑉, and ∆𝑥𝑎 are presented in Figure S17). 

(e) The resulting distribution of column sizes on a log scale that result from 1000 random combinations of 

the indirect eCCC input variables. (f) Scatter plot revealing a correlation between pKa and the resulting 

absorber volumes in each of the simulation runs (pKa is displayed here; [Q
tot
], 𝐿/𝑉, and ∆𝑥𝑎 are presented 

in Figure S18). Green data points reveal regions of the eCCC processes that result in volumes that are equal 

to or less than the thermochemical baselines (gray dashed line). The solid black lines in (c) and (f) represent 

a 15-point moving average. 

 

5. Conclusions 
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In this work, we developed an absorption column model to predict the required absorber height and 

diameter for thermochemical, direct electrochemical, and indirect electrochemical CO2 separation 

processes. This model is designed to generally apply to any soluble capture or mediator species that may 

be used in eCCC systems. We investigate the effects of various input parameters, including binding 

coefficients, state-of-charge swings, solubility, flow rates, reaction rate constants, and pKa values, on the 

absorber volume and explore how these variables can be adjusted to meet specific column design targets in 

eCCC processes. Specifically, we note that the parameters most aligned with the reaction uptake rate of 

CO2 (𝐷𝑎 and pKa) have the greatest effect on absorption column volumes in both direct and indirect eCCC. 

In order to minimize the column size, these values should be maximized. We also observe that the direct 

capture process could be used in a retrofit application, as it can achieve column sizes that are similar to 

those associated with the comparable thermochemical system. However, if indirect eCCC systems are 

ultimately deployed, such drop-in-replacement options may not be feasible given the larger column 

requirements. 

While the work presented herein can be used to compare absorption column sizes and, consequently, 

differences in system capital costs, a full comparison between state-of-the-art alkanolamine capture 

technologies and proposed eCCC platforms will require techno-economic analyses to calculate both capital 

and operating costs associated with all process units within 4-stage eCCC and thermochemical processes. 

While we outline possible pathways towards column sizes that are competitive with those of 

thermochemical systems, the capital costs associated with these units are only one component of the total 

system costs. Future studies will need to incorporate the absorption column into cost analyses where trade-

offs with operating costs associated with the energy requirements are expected to impact economic 

feasibility. In these endeavors, relationships between cell / stack operating current densities and voltages 

can be coupled with the model developed here to better assess performance and costs across different eCCC 

platforms. The potential for significant energetic benefits in eCCC could allow greater flexibility in the 

ultimate absorption column size for 4-stage eCCC systems. 
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11. Glossary of Terms 

Nomenclature 

  

aw effective interfacial area of packing per unit volume (m2 m-3) 

A column cross-sectional area (m2) 

𝑩𝒐  Bodenstein number (–) 

𝑪𝟎  standard concentration (1 mol L-1) 

dp packing material diameter (m) 

Dabs absorber diameter (m) 

𝓓𝒂𝒙  axial dispersion coefficient (m2 s-1) 

𝓓𝒊 diffusion coefficient if species i in solution (m2 s-1) 

𝑫𝒂  Damköhler number (–) 

DIC dissolved inorganic carbon (mol L-1) 

f fraction of flooding in the absorption column (–) 

𝑭𝑪  empirical factor for determining correlations between column pressure drop and 𝐹𝐿𝑉 to 

determine the column diameter (–) 

𝑭𝑳𝑽  liquid-gas kinetic energy factor (–) 

hL liquid hold-up (liquid volume per unit volume packing) in the column (m3
liquid m-3

packing) 

𝑯𝑪𝑶𝟐 Henry’s law constant for CO2 (kmol m-3 bar-1) 

[ i ] concentration of species i in the solution (mol L-1) 

kG gas film mass transfer coefficient (kmol m-2 s-1 bar-1) 

kL liquid film mass transfer coefficient (m s-1) 

𝒌𝟏,𝒇 forward second order rate constant for the CO2 absorption (m3 kmol-1 s-1) 

𝒌𝟐,𝒇,𝒊𝒏𝒅𝒊𝒓𝒆𝒄𝒕  forward second order rate constant for the reaction between H+ and CO3
2− (m3 kmol-1 s-1) 

𝒌𝒘,𝒇  forward second order rate constant for the reaction between H+ and OH− (m3 kmol-1 s-1) 

𝒌𝑸,𝟏,𝒇  forward second order rate constant for the reaction between H+ and QH− (m3 kmol-1 s-1) 

𝒌𝑸,𝟐,𝒇  forward second order rate constant for the reaction between H+ and Q2− (m3 kmol-1 s-1) 

K1,direct binding coefficient of R𝑛− relative to dissolved CO2 (–) 

K2,direct binding coefficient of R relative to dissolved CO2 (–) 

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2 ORCID: https://orcid.org/0000-0001-8453-4701 Content not peer-reviewed by ChemRxiv. License: CC BY-NC-ND 4.0

https://doi.org/10.26434/chemrxiv-2024-x7xkz-v2
https://orcid.org/0000-0001-8453-4701
https://creativecommons.org/licenses/by-nc-nd/4.0/


60 

 

K1,indirect equilibrium constant between CO2 and HCO3
− in aqueous conditions (–) 

K2,indirect equilibrium constant between HCO3
− and CO3

2−- in aqueous conditions (–) 

𝑲𝒘   water dissociation constant (–) 

𝑲𝒂,𝟏  first acid dissociation constant for the mediator species (–) 

𝑲𝒂,𝟐  second acid dissociation constant for the mediator species (–) 

𝑳 liquid mass flow rate (kg s-1) 

L/V liquid to gas mass flow rate ratio (–) 

M molecular weight (g mol-1) 

n moles of electrons transferred per mole of redox active species (mol e- mol-1) 

𝑵𝑪𝑶𝟐  flux of CO2 across an interface in the thin-film (kmol m-2 h-1) 

𝑷𝒊 partial pressure of gaseous species i (bar) 

𝑷𝟎  total gas pressure (bar) 

q moles of CO2 captured per mole of capture species in the direct capture process 

�̇�  volumetric flow rate (m3 h-1) 

Q  generic mediator species used in the indirect capture process  

[Q
tot
]  mediator species total concentration in the indirect capture process (mol L-1) 

𝒓𝒊  rate of consumption of species i (kmol m-3 h-1) 

𝒓𝟏  rate of reaction between CO2 and the absorbent species (Rn- for the direct process, OH- in 

the indirect process, and MEA in the thermochemical process) (kmol m-3 h-1 or kmol m-3 

s-1) 

𝒓𝟐,𝒅𝒊𝒓𝒆𝒄𝒕  rate of CO2 desorption from species R in the direct process (kmol m-3 s-1) 

𝒓𝟐,𝒊𝒏𝒅𝒊𝒓𝒆𝒄𝒕  rate of reaction for reaction between H+ and HCO3
2- (kmol m-3 s-1) 

𝒓𝒘  rate of reaction for the reaction between H+ and OH− (kmol m-3 s-1) 

𝒓𝑸,𝟏  rate of reaction for the reaction between H+ and QH− (kmol m-3 s-1) 

𝒓𝑸,𝟐  rate of reaction for the reaction between H+ and Q2− (kmol m-3 s-1) 

R  generic capture species used in the direct capture process  

[Rtot]  capture species total concentration in the direct capture process (mol L-1) 

TA  total alkalinity (mol L-1) 

u fluid velocity (m s-1 or ft s-1) 

𝑽 gas mass flow rate (kg s-1) 

�̅� gas molar flow rate (kmol h-1) 

𝒙𝒂 state-of-charge of the solution (–) 

∆𝒙𝒂 state-of-charge swing of the redox-active species in solution (–) 

Y distance from the interface in the liquid-phase reaction boundary layer (m) 

𝒚𝒊  mole fraction of species i in the gas phase (–) 

�̅�𝒊 average mole fraction of species i in the gas phase across the length of the column (–) 

𝒛  location along the height of the absorption column (m) 

  

  

Greek symbols 

𝜶 CO2 capture fraction (–) 

𝜹   liquid boundary layer thickness (m) 
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𝝁  viscosity (Pa-s) 

𝝆 density (kg m-3) 

𝝈  surface tension (N/m) 

  

  

Subscripts 

b bulk electrolyte property 

direct property of the direct capture process 

flood condition at flooding  

G gas-phase property 

i chemical species reference (i.e., i can represent CO2, R, H2O, MEA, etc.) 

indirect property of the indirect capture process 

I interfacial property  

lit reported literature values 

L liquid-phase solution property 

m stream reference number (can be 1-7) 

MEA property of the monoethanolamine (MEA) capture process 

packing property of the packing material 

pred values predicted by the model developed in this work 
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