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Abstract: The global demand for acrylic acid (AA) is increasing due to its wide range of applications. Due to this 

growing demand, alternative AA production strategies must be explored to avoid the exacerbation of prevailing 

climate and global warming issues since current AA production strategies involve AA production using fossil 

resources. Investigations on alternative strategies for AA production therefore constitute an important research 

interest.  The present study therefore assesses waste apple pomace (WAP) as a feedstock for the sustainable AA 

production. To undertake this assessment, process models, based on two production pathways were designed, 

modelled and simulated in ASPEN plus® software. The two competing production pathways investigated include 

a process incorporating WAP conversion to lactic acid (LA), prior to LA dehydration to generate AA (denoted as 

the FD pathway) and another process involving WAP conversion to propylene, prior to propylene oxidation to 

generate AA (denoted as the TFO pathway). Economic and environmental performances of the FD and TFO path-

ways were assessed via the minimum selling price (MSP) and potential environmental impacts per h (PEI/h) 

metrics. The study was able to show that the FD pathway presented an improved economic performance (MSP of 

AA: US $1.17 per kg) performance compared to the economic performance (MSP of AA: US $1.56 per kg) of the 

TFO pathway. Crucially, the TFO process was shown to present an improved environmental performance (2.07 

kPEI/h) compared to the environmental performance of the FD process (8.72 kPEI/h). These observations suggests 

that the selection of the preferred AA production will require a trade-off between the performance measures, and 

the integration of a multi-criteria decision assessment in future work. 
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1. Introduction 

The increasing threat of catastrophic climate effects [1] due to anthropogenic greenhouse gas (GHG) 
emissions and natural resource depletion have, in recent times, motivated research into the production 
of ‘green’ products. Some of these green products, produced via bio-refinery of biomass, are capable of 
partly (or completely) replacing their fossil fuel alternatives [2,3]. Bio-refinery technologies constitute 
sustainable progressions that incorporate biomass conversion technologies to facilitate the conversion 
of biomass to high-value products, and thus, promote the circular bio-economy paradigm [4]. Given 
that the implementation of such bio-refineries has thus far been limited by low profitability and poor 
commercialization concerns [3], the use of waste biomass streams was proposed as one strategy that 
may enhance overall economic performance given that feedstock cost constitutes an important factor 
that influences bio-refinery economic performance [3][4]. The present study therefore proposes the 
utilization of the waste biomass resources of waste apple pomace (WAP) as a useful bio-refinery feed-
stock. WAP constitutes an abundant biomass resource, with ~18 ×109 kg of pomace estimated to be 
generated globally per year [5]. The poor management of this WAP stream may lead to unfavorable 
environmental outcomes such as uncontrolled GHG emissions from the disposal of pomace in landfills, 
unwanted acidification of agricultural soils via leachate formation and also the pollution of under-
ground waters [6]. The utilization of WAP as a biomass resource therefore presents an opportunity for 
value extraction while also circumventing waste management concerns[7]. The current study therefore 
seeks to investigate the production of AA from WAP.  Acrylic acid (AA; CH₂=CHCOOH) is the simplest 
of the unsaturated acids [8-10]. AA is an important product that is characterized by several significant 
end uses such as supper absorbent polymers, artificial leather and textiles (Figure 1). Figure 1 also 
shows that 42 % of acrylic acid generated is employed in the manufacturing of dispersions i.e. deter-
gents. In addition, AA may have other applications ‘others’ including in the production of acrylic-based 
polymers for fabricating corneal prosthesis, contact lenses, and in  tissue engineering  (these appli-
cations are shown as ‘Other’ in Figure 1) [11,12].   

 

 
Figure 1: Acrylic Acid by End-Use [13]. 

 
The wide range of AA application is, partly due to its ability to achieve rapid polymerization and its 
efficiency in delivering carboxylate functionality in commercial products [14]. The importance of AA is 
demonstrated by the annual global market size and market demand, predicted to reach US$ 22.55 
billion and 8750 kton respectively by 2022 [15,16].  Currently, AA is commercially obtained via the 
catalytic oxidation of olefins [8-10] which are derived from the refining of fossil crude [8,9]. Such a 
commercial use of fossil crude exacerbates GHG emissions and natural resource depletion concerns. 
AA can also be produced from the non-fossil feedstocks of glycerol or biomass [17-24]. Notably, since 
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glycerol typically requires additional production operations (i.e. as a by-product of the biodiesel pro-
duction process), the use of freely available biomass as a feedstock may constitute a more sustainable 
strategy. The literature reveals that (non-fossil) AA may be produced from biomass, via stepwise pro-
cesses, involving an initial LA acid production step (via sugar fermentation) followed by LA dehydra-
tion [25-27]. However, in the current study ‘syngas pathway’ that incorporates the conversions of bio-
mass to (→) propylene → AA (i.e. TFO pathway) has been suggested. We hypothesize that this pathway 
may be more favorable because unlike the biomass→ LA → AA pathway that only utilizes polysaccha-
rides present in biomass for AA production (i.e. via polysaccharide fermentation), all fractions of the 
biomass feedstock including the lignin fraction are employed in AA production in the proposed path-
way via a preliminary syngas production step (i.e. thermochemical transformation). Therefore, to eval-
uate our hypothesis, in the present study we undertake an economic and environmental assessment 
of the two pathways that can transform WAP to AA (i.e.  via the TFO and FD pathways).  In spite of 
the importance of AA to our best of knowledge, no comparative economic assessment of AA production 
processes from WAP has been reported in the literature.  Additionally, recognizing the importance of 
addressing environmental performance concerns, the current study also seeks to comparatively ex-
plore the environmental performances of the alternative AA production pathways. Since the feedstock 
collection and transportation to the AA production site is assumed to be similar for both pathways, 
only environmental impacts of the stand-alone AA production facilities will be assessed.  Thus the 
assessment of impacts associated with environmental risk, waste minimization opportunities and raw 
materials [28-30] acquisition are beyond the scope of the present study and are not presented here. 
The comprehensive approach to the comparative study in the present work therefore emphasizes its 
novelty.  
 

2. Materials and Methods 

In this study, the commercial software ASPEN Plus® version 11 (Aspen Technology Inc., Cambridge, 
Massachusetts, USA) was used to design, model and simulate AA production via the TFO and FD 
pathways. Calculations, involving mass balance, energy balance, chemical and phase equilibrium were 
undertaken in ASPEN Plus®. The WAP was modelled according to its reported chemical composition 
[31] ,proximate and elemental composition [32]. These data are presented in Tables S1 and S2 in the 
supplementary file A.   
Modelling of other chemical inputs was achieved using the data library in ASPEN Plus. The non-
random two-liquid (NRTL) thermodynamic property method is sufficient to model the properties (i.e. 
activities, fugacities, fugacity coefficients etc.) of chemical species in different phases and in complex 
systems [33-36]. We therefore, employed NRTL in the modeling process. In the present study, the 
reactors were modelled based on experimental results obtained from literature as discussed below 
(section 2.1), using the stoichiometric reactor models (RSTOIC). The RSTOIC reactors are based on 
the knowledge of fractional conversion of reacting species. For complex, reactions such as those in-
volved in gasification processes, it was assumed that thermodynamic equilibrium is attained since the 
rates of associated chemical and physical-chemical reactions are infinitely high [37]. The gasification 
reaction was therefore modelled using the two equilibrium reactor models (RGIBBS) reactors in AS-
PEN Plus®. In the RGIBBS model, ASPEN plus determines the concentration of species by minimizing 
the Gibbs free energy (Gtotal) of the system which is defined as follows [38-40]; 
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where foi ,G0f,i  and  θi  represent the standard molar fugacity,  the Gibbs free energy of formation 
at 1 bar and the fugacity coefficient of the ith specie respectively. T, R and yi represent the temperature 
in K, the universal gas constant (8.314 J/mol·K), the mole fraction vapour of the ith specie respectively. 

 
Furthermore, all pumps, turbines and compressors were modelled as isentropic units [41]. Finally, 
distillation processes were modelled using the RADFRAC model Aspen Plus®, which facilitates rigor-
ous energy and mass balance calculations and can be used to facilitate the separation of highly non-
ideal liquid mixtures [42]. To determine the column design specifications, the design parameters (i.e. 
number of stages, reboiler duty, reflux ratio etc.) were estimated using the Fenske-Underwood-Gilli-
land correlation model in Aspen Plus® [41,43].  
 

2.1 Process description 

Initially, the FD process that employs LA as a precursor to AA via its dehydration was investigated, 
according to the simplified process flow diagram presented in Figure 2 and  is based on similar tech-
niques which were used for LA production as described in [44].  Figure 2 shows that initially, the 
water content of the WAP is reduced to 50 wt.% from 67 wt.% (Materne company, Brussels Belgium) 
via mechanical dewatering operations. The dewatered WAP is then homogenized at 1 atm and at a 
temperature of 25 oC. The duties required for the dewatering and homogenisation operations are spec-
ified as 2 kW per 1 m3 of feed  and 1.5 kW per ton of feed, respectively and are incorporated in the 
simulation using Fortran codes [45,46]. Pre-treatment of the WAP is subsequently undertaken, for 
lignin separation, via hot water treatment to minimize the generation of inhibitors (i.e furfural) that 
may limit the efficiency of the downstream fermentation operations [6,47,48]. This hot water treat-
ment approach was also established to limit polysaccharide losses during biomass pre-treatment as 
discussed in the literature [6,47,48]. According to the well-established experimental approach em-
ployed in the literature [49], the hot water pre-treatment is undertaken at the temperature of 142.4 
oC and pressure 1 atm with a  65 % sugar (C6 and C5) recovery achieved according to the reaction 
equations presented in Table S3 in the supplementary file A.  To enhance process efficiency and en-
ergy self-sufficiency, onsite steam generation is achieved using the lignin fraction as a solid fuel [41]. 
The lignin separated is employed as a fuel for heat and electricity generation via a combined heat and 
power (CHP) plant, in accordance with the Rankine cycle as described in the literature [6]. In the CHP 
plant, pressurization of water to 20 atm is initially achieved using a pump operating at 0.9 efficiency. 
The pressurised water is then heated using heat generated from the boiler via the combustion of the 
solid fuel (in this case lignin) to facilitate the production of superheated steam. Electrical energy is 
then generated via the expansion of the pressurised superheated steam to 1 atm, in an isentropic 
turbine. The steam is then condensed and is made available for reuse within the system. Figure 2 then 
shows that the lignin-free stream (after hot water treatment) is subjected to a fermentation operation 
under the action of Lactobacillus casei sub sp. rhamnous (ATCC 10863) at 45 oC and pressure of 1 atm 
[50]. This microbe is used in the present study due to its capability to metabolise C5 (~80 % conversion) 
and C6 (~100 % conversion) sugars to produce LA according to the reactions summarised in Table S3 
(supplementary file A). At the conclusion of the fermentation process, the broth is subjected to precip-
itation treatment followed by acid treatment using Ca(OH)2 at the temperature of 95 oC to facilitate 
the production of C6H10CaO6 for its separation from the solution [51-53]. The C6H10CaO6 is then sub-
jected to acid treatment to enable the recovery of LA, with the waste stream of gypsum generated. 
Stage-wise separation of the C6H10CaO6 and the gypsum is assumed to be sufficient and is achieved 
using filtration at 25 oC and 1 atm [51-53].  Since the dehydration of the LA to AA requires that the 
LA stream has a LA content of 50 wt.% [54], a vaporization operation is imposed at the temperature 
of 100 oC to increase the concentration of LA and achieve 50 wt.% concentration [51-53]. In accordance 
with the work of Ghantani et al., [54] LA (50 wt.% moisture) dehydration to produce AA is achieved 
under the action of Ca/P (1.3 molar ratio), with LA presenting a 100 % conversion when subjected to a 
temperature condition of 375 °C. The dominant dehydration reaction facilitates the production of AA, 
water and a side decarboxylation reaction facilitates the production of CO and acetaldehyde (C2H4O), 
with the AA selectivity specified as 60% [54].  The exit stream is then initially degassed for the recov-
ery of CO, which is utilized as a gaseous fuel in the CHP plant. The CO gas has a higher heating value 
(HHV) of 4.368 MJ/kg[55]. Since it is not possible to separate AA from water via conventional distilla-
tion or rectification because of the formation of a minimum boiling azeotrope [56], an extractive distil-
lation approach is employed [57]. Several organic solvents have been reported in the literature for AA 
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extraction from an aqueous solution. These solvents include diisopropyl ether, isopropylacetate, me-
thylisobutyl ketone and toluene [57]. Song et al., [57] however recommended toluene as the preferred 
solvent for the extraction when the combined effects of extraction capacity and solvent cost are consid-
ered. In the present simulation, toluene is therefore employed to facilitate AA extraction. In this ap-
proach the stream exiting the dehydration reactor is rapidly cooled to 25 oC using a quencher to reduce 
the risk of polymerization of AA, after which the mixture is fed to a liquid–liquid extractor, with tolu-
ene as the solvent to facilitate the separation of aqueous components from AA [57]. The toluene-AA 
steam is then distilled to facilitate solvent recovery with associated AA generated as the bottom stream 
[56]. The recovered toluene is cooled and condensed and made available for further extractions. Fi-
nally, the aqueous stream is distilled to facilitate acetaldehyde recovery, as a by-product of the process. 
The alternative AA production process (simplified) is presented in Figure 3 which shows the TFO 
pathway. The gasification operation described in Figure 3 is based on generic processes previously 
described in the literature [58-60]. After the initial dewatering step, the WAP stream is then subjected 
to a drying operation. The dried WAP is then transferred to the reactor where the partial oxidation of 
the WAP is achieved under the action of steam (Figure 3).  
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Figure 2: Simplified process flow diagram for acrylic acid production from waste apple pomace using the 

fermentation-dehydration (FD) pathway involving LA production as a precursor to AA production. 
 
 



 7 of 24 

 

Cyclone

WAP

R

Gasification 

reactor 

Molecular sieves

Ethanol 

Oxygen

H2O Fermentation 

reactor

Air drier

Solids

Shift reactor

Steam

CO2

H2O

H2O

B

Dehydration 

reactor 

E-P reactors 

Ethylene

Steam

Air

oxidation reactors 

AA

C7H8

Aqueous phase

C7H8

1 2 1
2

 
Figure 3: Simplified process flow diagram for acrylic acid production from waste apple pomace using the thermo-
chemical-fermentation-oxidation pathway involving the propylene production as a precursor. 
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The typical gasification reactions are summarised in Table S3.  Herein, we used steam gasification as 
steam facilitates the production of syngas (CO and H2) characterized by higher H2 and reduced CO2 
contents [60,61]. To further decrease in the CO2 generation a steam-biomass ratio of 0.5 is imposed as 
detailed before [62]. The gasification operation is specified as being undertaken at the temperature of 
1000 oC as the applying temperatures higher than 800 oC minimizes tar formation in gasification sys-
tems [58]. Notably, at gasification temperatures ranging from 900 oC-1000 oC, tar formation is signif-
icantly mitigated due to tar cracking [58,62]. This statement is consistent with other process models 
developed in the literature where tar formation was not considered [63,64]. Additionally such high 
temperatures reduce the risk of the production of heavy hydrocarbons (i.e > C4) in the gasification 
process [65]. At the conclusion of the gasification reaction, the exit stream is cooled to 37 oC and the 
solids (char) present in the stream, removed using a cyclone. The current study assumes that the char 
is composed of carbon and ash only [62]. The syngas product is then transferred to a fermenter, oper-
ating at the mesophilic temperature of 37  oC  and pressure of 1 atm. Fermentation of the syngas is 
achieved under the action of acetogenic microorganisms such as Clostridium ljungdahlii and Clostrid-
ium carboxidivorans [66,67] according to equations presented in Table S3. CO and H2 conversions to 
ethanol are specified as 90 % and 70 % respectively, as previously reported by Phillips et al., [68]. 
According to Klasson et al.’s work, [68], the aforementioned conversions are achieved when fermenta-
tion of syngas occurs in the presence of ~0.8 g of Clostridium ljungdahlii per litre of fermentation broth. 
Having concluded the fermentation operation, the fermentation broth containing the ethanol is puri-
fied via a stage-wise distillation process as described in the literature [69]. Briefly, the fermentation 
broth is transferred to a ‘beer’ column (B) where stripping of ethanol from the stream is achieved with 
the resulting vapour phlegm composed of  ~35 wt.% of ethanol and~65 wt.% of water. Further con-
centration of the vapour phlegm is achieved when the stream is transferred to the rectification column 
(R) such that a distillate containing ~91 wt.% of ethanol is produced. To facilitate further concentration 
of the ethanol containing stream, the distillate is dehydrated using molecular sieves, to achieve an 
ethanol product with a purity of ~ 99 wt.%. Having generated the ethanol product, the stream is trans-
ferred to the dehydration reactor where dehydration is achieved at 350 oC and 1 atm for ethylene 
production in accordance with the work of  Arvidsson and Lundin [70] (reactions in Table S3). In 
accordance to literature the conversion of ethanol to ethylene is specified as 99.9 % while the side 
reaction involves the conversion of the residual ethanol to diethyl ether  [69,70].  Given that acetic 
acid is produced as a by-product of the syngas fermentation process and unreacted ethanol is retained 
in the stream after the dehydration reaction , it is assumed that  the acetic acid and ethanol are 
available to undergo esterification reaction for ethyl acetate production. Both streams are therefore 
transferred to an esterification reactor (reaction in Table S3) operating at 80 oC and 1 atm with a 
reaction conversion of 84% achieved (ethanol as the limiting reactant) [71].  
 
Cleaning of the ethylene product is achieved using activated carbon. To produce propylene from eth-
ylene, the methods highlighted in the novel and recent study by Beucher et al., [72] are employed. To 
this regard, the ethylene product is subjected to a cascade of reactions involving two reactors for pro-
pylene formation. In the first reactor, ethylene is converted (~85 wt. % conversion) to 2-butene under 
the action of a Nickel based catalyst at temperature and pressure conditions of 120 oC and 29.6 atm 
respectively.  The exit stream is then transferred to the second reactor, where the 2-butene in the 
stream reacts with the previously unconverted ethylene at temperature and pressure conditions of 450 
°C and  1 tam  respectively to produce propylene, under the action of Tungsten oxide based catalyst. 
To produce AA from propylene, a well-established method were used [73].  According to Sanchez et 
al., [73], the stream containing the propylene is fed to a reactor together with air compressed at the 
pressure of 5.95 atm and low pressure steam at the pressure and temperature of 5.95 atm and 159 oC 
respectively. The propylene, air and steam feed fractions are maintained at 1/7.75/3.75 (mass ba-
sis)[73]. In the first reactor, the propylene is then oxidized to facilitate its initial conversion to acrolein, 
AA, acetic acid and CO2 with conversions of 79%, 6%, 12% and 3% respectively achieved, under the 
action of Bismuth molybdate catalyst at the temperature of 350 oC [73]. The initial oxidation of pro-
pylene reactions in reactor 1 are presented in the Table S3. Figure 3 subsequently shows that the hot 
gaseous mixture, containing mostly acrolein, is transferred to the next reactor 2, where acrolein con-
version to AA is achieved under the action of vanadium-molybdenum oxide, at the temperature of 300 
oC. An AA production yield of 85%, is attained in reactor 2 [73]. The gaseous product is then cooled 
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from 300 °C to 25 °C with the the liquid–liquid extraction module discussed in FD pathway above 
executed to facilitate AA recovery. In the TFO pathway, the heat from all exothermic reactor units in 
the bio-refinery (i.e. propylene oxidation reactors [74]), is recovered in form of high pressure steam at 
20 atm and employed in electricity generation (via the CHP). The specifications of major operations 
discussed above are presented in Table S3 in the supplementary file A. Having designed and modelled 
the AA production processes, energy balance calculations were undertaken, using the ASPEN energy 
analyser ® V.11 [69,75].  

2.2 Economic assessments  

Plant availability was assumed to be 7200 h per year. To assess the economic performances of the AA 
productions processes, the minimum selling prices (MSPs) of the AA product generated from both pro-
cesses were determined. The MSP was specified as the price of AA for which the net present value 
(NPV) of the project was equal to zero, with the NPV determined using a discounted flow table and 
calculated as follows [60]; 
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where TCI, i and n  denotes the total capital investment cost in US$, discount rate (10%), and project 
lifespan (30 y) respectively. Sn denotes the salvage value specified as zero, with straight-line deprecia-
tion assumed. NR denotes the net cash flow (annual cash flow less the assets) in US$.  
 
The total operating costs (TOC) of the FD and TFO processes were  also determined as a summation 
of the fixed production cost components (i.e costs incurred irrespective of the plant productivity), and 
the variable production costs (i.e. cost proportional to the plant outputs) [60]. The costing relations 
employed in estimating these cost components are presented in supplementary file A. The TCI was 
determined from equipment purchase costs provided by the ASPEN process economic analyzer V11 
(APEA). These purchase costs were determined based on mapping algorithms that employ the mass 
and energy balance simulation results for equipment sizing calculations. Based on the equipment pur-
chase costs, the TCI costing approach is summarized in Figure 4 [76]. 
 
 
 

 

 
 Figure 4: Total capital investment cost components [76] 
 

The full description of each of the cost components are beyond the scope of the current study and may 
be found elsewhere [77]. The associated TCI cost correlations are presented in the supplementary file 
A. In the present study the purchase cost of general equipment i.e distillation columns, heater, cooler, 
tanks and pumps were obtained from APEA. In line with previous studies [78-80], the cost of special-
ized equipment such as the gasification reactor, cyclone, reactors  and molecular sieves were obtained 
from literature and commercial vendors [81,82] and the purchase costs of these specialized equipment 
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summarized  in the supplementary file A. To account for inflationary effects from equipment purchase 
costs obtained in different years, Chemical Engineering Plant Cost Index (CEPCI) values were em-
ployed according to standard methods [60], with the CEPCI for the year of 2020 specified as 607.5[6] 
was employed. The purchase cost pi of these specialized, ith equipment, in US$ was subsequently ad-
justed for the desired characteristic factor as follows [60,83]; 
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where F and Fref denote the characteristic factors such as the volume of the equipment in the present 
study and reference volume of the equipment; pi,ref  denotes the purchase cost for the equipment with 
the reference characteristic factor and 0.65[84] denotes the scaling factor employed in the present 
study.  

 
The economic assessment technique described thus far is the study estimate type (i.e. class 4 estimate) 
and is typically employed in facilitating conceptual studies [85]. The economic assessment technique 
was therefore specified as sufficient for the current comparative investigation. Finally, a summary of 
the economic assumptions employed in the present study are shown in Table 1.  

 
Table 1:  Economic parameters and assumptions 

Parameter Value 

Base year 2020 

Project lifetime (y) 30 

Plant availability (h/y) 7200 

Tax rate (%) 30 

Discount rate (%) 10 

Salvage value (US$)  0 

Depreciation  Straight line 

 

2.3 Environmental performance assessment  

Since the current study is interested in the comparative assessment of the stand-alone alternative AA 
production pathways, the potential environmental impact (PEI) of the alternative processes were in-
vestigated  was selected as a sufficient metric in this regard [86,87].  The PEI was measured using 
the WAR algorithm since it constitutes a powerful tool that facilitates rapid assessments of environ-
mental impacts during the design stages of manufacturing processes [87,88]. PEI employs energy and 
mass balance results of the simulated process as inputs for the calculation  of  its constituent impact 
categories [69] highlighted in Table 2. The PEI out of a process is calculated as follows [89]; 
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where 𝐼�̇�𝑢𝑡

𝑐𝑝
 denotes the rate of PEI out of the process from chemical interactions; 𝐼�̇�𝑢𝑡

𝑒𝑝
 denotes the rate 

of PEI out of  a system from energy generation processes; �̇�𝑖
𝑜𝑢𝑡 is the mass flow rate of exit streams 

from the process i.  xki is the mass fraction of component k in the exit stream i and øk is the potential 
environmental impact due to component k. The parameter, øk, denotes the sum of the specific PEI due 
to disposal of component k  to the environment leading to different impact categories l as follows [89];  
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where , αi denotes the relative weighting factor of impact categories, l (Table 2), with all impact cate-
gories considered equally significant in the present study.  In the present study the environmental 
impact of the processes were reported in terms of the PEI per unit mass of product stream.  For sim-
plicity, PEI/h from the biomass (WAP) have been considered negligible. Further descriptions of the 
WAR algorithm and the governing Equations are outside the scope of the present study and are pre-
sented elsewhere [87,89,90]. 

 
        Table 2: Impact categories that constitute the basis of the potential environmental impact 
[87,90] 

General Impact Category Impact Category 
Measure of Impact Cate-

gory 

Human toxicity 
Ingestion (HTPI) LD50 

Inhalation/dermal (HTPE) OSHA PEL 

Ecological toxicity 
Aquatic toxicity (ATP) Fathead Minnow LC50 

Terrestrial toxicity (TTP) LD50 

Global atmospheric impacts 
Global warming potential (GWP) GWP 

Ozone depletion potential (ODP) ODP 

Regional atmospheric im-

pacts 

Acidification Potential (AP) AP 

Photochemical oxidation potential 

(PCOP) 
PCOP 

  

3. Results  

Based on the processes described in section 2, the ASPEN plus developed models are presented in 
Figures 5 and 6, with the mass balance results of major streams presented in Table 3.  Figure 5 rep-
resents the FD process which integrates WAP handling and homogenization, with pre-treatment (for 
sugar release), fermentation (for LA production) and dehydration (for AA production). The model de-
veloped based on TFO process is shown in Figure 6 and this includes WAP handling and gasification 
(for syngas production), syngas fermentation (for ethanol production), ethanol purification, ethanol 
dehydration (for ethylene production), ethylene to propylene conversions and propylene oxidation (for 
AA production) operations. The result in Table 3 shows that the FD process will facilitate the produc-
tion of 1.94 tons/h (14 ktons/y) of AA (97 wt.% purity) and 0.34 tons/h (2.45 ktons/y) of acetaldehyde as 
by-product. It is estimated that for the equal mass of feedstock, the resulting mass of AA generated 
via the FD process is approximately 6 times (1.94 tons/h, 97 wt. % purity) than that the TFO process 
(0.313 tons/h, 97 wt. % purity). A by-product of AC of 1.2 tons/h was also generated 
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        Figure 5: ASPEN plus output for AA production from WAP via the fermentation dehydration (FD) pathway (black continuous lines, 
red dash lines and blue dashed line denote material, heat and work flows).  

 
 

 
 

Figure 6: ASPEN plus output for AA production from WAP via the thermochemical-fermentation-oxidation (TFO) pathway (black continuous 
lines, red dash lines and blue dashed line denote material, heat and work flows).  

 
 

HIERARCHY

BL100

HIERARCHY

BL200

HIERARCHY

BL300

HIERARCHY

500

SPLT

HIERARCHY

BL400
WAP 4

6

1

2

3

W1
W

5
LACTIC-A

CO

AA

Q1

Handling Pretreatment Lactic acid formation+concentration 

CHP generation

Acrylic acid formation 

Acrylic acid 

Waste apple pomace

HIERARCHY

BL200

MU LT

A

HIERARCHY

BL300

HIERARCHY

BL100

HIERARCHY

BL400

HIERARCHY

BL500

HIERARCHY

BL600

HIERARCHY

BL700

WAP

1

4

ETHANOL

WASTE

2

ETHYLENE PROPYLEN

W2

W

Q4

W1

Q3

Q1

Q5

Q2

AA

WAP handling +Gasification

Syngas fermentation

Ethanol recovery and purification Ethanol dehydration Ethylene to propylene Acrylic acid production 

CHP generation Acrylic acid

Waste apple pomace

P 

LA 



 13 of 24 

 

 
 

 
Figure 7:  Potential environmental impacts per kg of product (PEI/kg) for the fermentation dehydration (FD) and thermochemical 
fermentation oxidation (TFO) pathways  

 
 

 
 
Table 3: Mass balance results for major streams in the AA production processes 

 Fermentation dehydration (FD)  process Thermochemical-fermentation-oxidation (TFO) process 

Stream name Hydrolysate Stream LA AA  AC Syngas  Ethyl acetate Stream P   AA 

Mass Fractions (x)         

2-Butene 0 0 0 0 0 0 0.550 0 

AC 0 0 0 0.980 0 0 0 0 

AA  0 0 0.970 0 0 0 0 0.970 

Carbon dioxide 0 0 0 0 0.610 0 0 0 

Carbon monoxide 0 0 0 0 0.310 0 0 0 

Ethanol 0 0 0 0 0 0 0 0 

Fructose 0.018 0 0 0 0 0 0 0 

Glucose 0.024 0 0 0 0 0 0 0 

Hydrogen 0 0 0 0 0.080 0 0 0 

LA 0 0.500 0 0 0 0 0 0 
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Methane 0 0 0 0 0 0 0 0 

Propylene 0 0 0 0 0 0 0.450 0 

Toluene 0 0 0.030 0 0 0 0 0.030 

Ethyl acetate 0 0 0 0 0 1 0 0 

Water 0.955 0.500 0 0.020 0 0 0 0 

Xylose 0.006 0 0 0 0 0 0 0 

Mass Flows (tons/h) 99.30 7.83 1.94 0.33 0.483 1.166 0.478 0.313 

LA and P denote the streams containing crucial intermediate compounds of Lactic acid and propylene respectively. AC denotes Acetalde-

hyde 
 
 
Table 4: External utility requirements of the conversion processes, assuming full heat integration. 

Process result  (FD)  process  (TFO) process 

Externally required heating  utility (MW) 59.66 - 

Externally required cooling utility (MW) 27.48 15.87 

Net electricity generated (MW)  11.45 0.83 

FD denotes the Fermentation dehydration process and TFO denotes the Thermochemical-fermen-

tation-oxidation process  

 

Table 5: Cost distribution for total capital investment for acrylic acid production via two pathways 

Costing components Fermentation-dehydration pathway (FD)  Thermochemical-fermentation-oxidation (TFO) 

Warehouse cost   (US $) 342807.9 536738.2 

Equipment installation cost  (US $) 771317.8 1207661.0 

Home office and construction fee  (US $) 385658.9 603830.5 

Site development  (US $) 8570198.2 13418455.1 

Prorateable expenses  (US $) 1006998.3 1576668.5 

Project contingency  (US $) 1006998.3 1576668.5 

Additional piping  (US $) 2013996.6 3153337.0 

Field expenses  (US $) 1006998.3 1576668.5 

Other costs (start up , permits etc) (US $) 1006998.3 1576668.5 

Working capital   (US $) 805598.6 1261334.8 

Total capital investment (US $) 16917571.2 26488030.6 
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 Table 6: Cost distribution for total operating cost for acrylic acid production via two pathways 

Costing components Fermentation-dehydration pathway (FD) Thermochemical-fermentation-oxidation (TFO) 

Labour cost (US $) 1504296 1504296 

Maintenance cost (US $) 1353866.4 1353866.4 

Labour burden (US $) 113616.9 214100 

Property insurance (US $) 1127838.1 1765868.7 

Total variable cost  (US $) 14834442.6 8791658.6 

Total operating cost  (US $) 18934059.9 13629789.7 

 



 
  

 
 
Table 7: The minimum selling price (MSP) of acrylic acid  

Process MSP (US$/kg) 

Fermentation-dehydration pathway (FD) 1.17 

Thermochemical-fermentation-oxidation (TFO) 1.56 

 
Employing ASPEN energy analyzer ® V.11 discussed above in section 2.1, the externally required heating and 
cooling utilities required are highlighted in Table 4. Employing methods discussed in section 2.3, the economic 
performances of FD and TFO processes were assessed. The TCI and the total operating cost (TOC) components 
results are presented in Tables 5 and 6 respectively. Employing the TOC and TCI values, the economic perfor-
mance parameters were determined and summarized in Table 7.  Employing the WAR software and using the 
methods discussed earlier above in section 2.3 above, the PEI/kg for both processes are summarized in Figure 7 
 

4. Discussions 

Table 3 shows that based on the AA purity of 97 wt. % achieved in the present study, the AA product can be 
designated as technical grade (i.e 94 wt.% ≤ AA purity < 99.5 wt.%) [91,92]. Such technical grade AA can be readily 
used in the synthesis of acrylate esters that can be transformed into co-monomers [93]. These co-monomers can be 
polymerized to produce valuable products such as surface coatings, adhesives, textiles, paints, polymeric materials 
etc.[93]. Table 3 also shows that the composition of syngas generated on a mass basis is 8%, 31%, and 61% for H2, 
CO, and CO2, which translates to mole basis equivalents of  62 %, 17% and  21% respectively. This mole basis 
yields of  H2, CO, and CO2 is comparable to the experimentally determined mole composition of syngas of ~60 %, 
~22 % and ~18 % reported in the literature [94].  The mass balance results for major streams in the AA production 
processes are summarized in Table 3. The table shows that only 0.478 tons/h of propylene is generated from 0.786 
tons/h of ethanol, translating to a yield of 27 wt.%. This observation is consistent with experimentally reported 
yield of propylene from ethanol, which was shown to range from 24.5-28.6 wt.% [95]. In addition,  considering the 
mass flow rate of sugars (C6+C5) in the hydrolysate (4.77 ton/h)  and the mass flow rate of LA (i.e. 3.915 ton/h) 
presented in Table 3,  the LA yield per unit mass of sugars can be calculated to be 82.1 wt.%. This yield is con-
sistent with the yield of LA of 88 kg of LA per 100 kg sugars (from apple pomace) and based on experimental work 
[96]. As expected, in both cases, the actual yield of LA is less than the theoretical yield of 1 kg of lactic per 1 kg of 
sugar [96]. Table 4 shows that while the external heating utility requirement of the FD pathway for AA production 
is 59.66 MW the external heating utility requirement of the TFO pathway is determined to be negligible. These 
results are based on the assumption that full heat integration is achieved. This observation is expected and con-
sistent with processes that incorporate exothermic processes [97-99]. In the TFO process, the oxidation of propyl-
ene for the generation of acrolein, AA, acetic acid and CO2  as discussed in section 2.1 is highly exothermic [74]. 
For such exothermic systems, the need for addition external heating utility is redundant. Similarly, since the exit 
hot streams (from the exothermic processes) are cooled by being employed as heat sources for steam generation 
the externally required cooling duty calculated (15.87 MW)  is shown to be lower than the externally required 
cooling duty required in the FD process (27.48 MW). Table 4 also shows that the FD process has the potential for 
higher net electricity generation potential of 11.45 MW, compared to the TFO process with the net electricity 
production potential of 0.83 MW. This observation is expected since in FD, the lignin fraction (HHV = ~ 25.5 MJ/kg 
[100]), employed as a solid fuel in the boiler for steam generation has a higher energy density compared to the 
TFO process where CO (HHV = 4.368 MJ/kg[55]) is employed as the gaseous fuel. Clearly, the combustion of the 
lignin will lead to the generation of more boiler heat leading to more energetic steam generation, compared to the 
combustion of CO. Table 5  shows that the total capital investment (TCI) calculated for the TFO process of US$ 
26.5 million is 56 % more (~) than the value calculated for the FD process of US$ 16.9 million. This observation 
could be justified by the differences in processing complexity, with the TFO process clearly shown to incorporate 
more processing steps than the FD process. A higher number of processing steps employed typically translates to 
a higher capital cost. This statement is consistent with the fundamental basis of the ‘functional unit’ approach in 
capital cost estimation [101,102]. Table 5 also shows that in both FD and TFO processes, the equipment installa-
tion cost is the most crucial costing component and constitutes 51% of the total TCI. This observation is constituent 
with the class 4 estimation approach that considers the major equipment cost as the most crucial in calculating 
initial project cost estimates.  Table 6 on the other hand, shows that, the total operating cost of the FD process 
(US$ 18.9 million) exceeds the total operating cost of the TFO process (US$ 13.6 million) with the variable cost 
component accounting for 78 % and 65 % respectively. This observation is expected since based on model descrip-
tions in section 2.1, the FD process will involve a higher variable cost (i.e. chemical inputs of Ca(OH)2, H2SO4, 
catalyst, toluene required and waste gypsum management cost) compared to the TFO process (catalyst, toluene). 
Table 7 shows that the MSPs of the AA produced via the TFO and FD processes are US$ 1.56 per kg and US$ 1.17 
per kg respectively. This observation is due to the generation of more AA product  in FD process , as discussed 
above and also the lower TCI requirement of the FD process as discussed above.  
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Figure 7 shows that the FD pathway has a higher environmental impact (8.72 kPEI/h) compared to the TFO 
pathway (2.07 kPEI/h).  In both pathways the photochemical oxidation potential (PCOP) index constitutes the 
highest impact category with values of 6.06 kPEI/h and 1.48 kPEI/h for the FD and TFO pathways respectively. 
This observation may be due to the larger mass of  toluene required in the FD process (642.2 kg/h) for AA recovery 
compared the TFO process (102.7 kg/h) and employed in AA recovery. Volatile organic compounds such as toluene 
have the potential of undergoing photochemical reactions with oxides such as nitrous oxides (NOx),  leading to 
unwanted smog formation, implying that higher masses of toluene will exacerbate the PCOP pollution  risk [87].  
Figure 7 also shows that for the impact categories of HTPI, HTPE and TTP, the impacts associated with the FD 
process exceed the TFO process . These observations may be a consequence of the higher mass of toluene employed 
in FD compared to the TFO process.  Notably the wastewater stream generated via the FD process is character-
ized by residual sulphuric acid and calcium sulfate which are consequences of the lactic acid purification process 
discussed in 2.1 above. Sulphuric acid and calcium sulfate have a potential of exacerbating unfavorable environ-
mental impacts  via an increase in indexes of ATP (aquatic toxicity)   and TTP (Terrestrial toxicity) when im-
properly managed. The presence of these pollutants in the waste stream from the FD process may explain the 
higher ATP (0.0.047 kPEI/h) and TTP (1.08 kPEI/h) indexes of the FD process compared to the AP (0.0085 kPEI/h) 
and TTP (0.278 kPEI/h) values of the TFO process.  The higher impact AP (acidification potential) index value 
(0.213 kPEI/h) for the FD process relative to the AP index value (0.213 kPEI/h) of the TFO process is due to need 
for external fossil energy to satisfy the heating energy needs of the FD process. This is because the use of these 
fuels will lead to the unwanted production of oxides such as CO2 that are capable of forming weak acids (i.e. H2CO3 
for acid rain production. The study therefore suggests the preference for the TFO process compared to the FD 
process if only the environmental performance metric is considered. This observation contradicts the conclusions 
based on the economic performance metric since the FD process was shown to be preferable to the TFO process as 
illustrated by its lower MSP of AA.  Such a scenario therefore presents a conundrum, with the selection of the 
preferred AA production pathway dependent on tradeoffs between the need for favorable economic and environ-
mental outcomes by decision makers.  
 
5. Conclusion  
The study presents an initial comparative analysis of the two acrylic acid (AA) production pathways while employ-
ing waste apple pomace (WAP) as a renewable resource. In this study, we assessed FD and TFO processes as 
alternative approaches. The FD process incorporates an initial pretreatment operation for the production of a 
hydrolysate stream containing useful sugars followed by fermentation of these sugars for lactic acid (LA) produc-
tion prior to LA dehydration for AA production. The TFO process on the other hand integrates the gasification of 
WAP followed by the fermentation of the syngas for alcohol production, which is employed as a precursor for pro-
pylene gas production, prior to a catalytic oxidation process for AA production.  Considering both processes, alt-
hough the designed processes are speculative, the FD process was shown to present an improved economic perfor-
mance relative to the TFO process. This is highlighted by the lower MSP of the AA product from the FD process 
of US$ 1.17 per kg relative to the MSP of US$ 1.56 per kg from the AA product of the TFO process. Crucially, the 
TFO process presented an improved environmental performance compared to the FD process thus presenting a 
decision challenge for policy makers. The need for further multi-criteria decision assessment is therefore proposed.  
 

List of abbreviations  

Abbreviations  Full words 

FD Fermentation-dehydration 

TFO Thermochemical-fermentation-oxidation 

WAP Waste apple pomace  

AA Acrylic acid 

LA Lactic acid 

GHG Greenhouse gas 

NRTL  Non-random two-liquid 

RSTOIC Stoichiometric reactor model 

RGIBBS Equilibrium reactor model 

RADFRAC Rigorous distillation column model 

CHP Combined heat and power 

HHV higher heating value 

TCI total capital investment  

TOC total operating costs 

FCI Fixed capital investment  
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WCI Working capital investment 

TDC Total direct cost  

TIDC Total indirect cost 

APEA ASPEN process economic analyzer 

CEPCI Chemical Engineering Plant Cost Index 
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